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Abstract
Water shortage is a global problem, which requires a global solution. Desalination 
technologies, whether thermal or membrane processes, are having practical 
limitations, which result in high operating and capital costs. The thermal desalination 
process, namely Multi-Stage Flash (M.S.F.) distillation, is still the most commonly 
used distillation method, especially in the Middle East. However, the MSF units are 
generally laige-scale and very sophisticated, which require expertise to perform 
regular technical control and servicing.
The aim of the present study is the development of a cost-effective with easy 
operation distillation system, to satisfy the basic water needs in remote areas in 
developing countries. A novel small scale three-stage compact distillation system has 
been designed, constructed, installed and commissioned in a pilot plant study at the 
University of Surrey. The study involved both Iheoretical experimental investigations 
as well as economical analysis.
An extensive experimental programme were carried to study the effect of a number of 
parameters including increasing the heat input, heater temperature and the number of 
chambers (stages) on the distillate rate as well as the water product cost.
The results have shown that:
© Increasing the number of chambers, heat input and heater temperature have 
lead to improvement in both the distillate and the production rate; 
o Increasing the number of chambers has increased both the capital and running 
costs but reduced the specific energy consumption, as well as the unit cost of 
the produced water;
® The water production cost decreased by about 13,0% and 28.0 % when the 
numbers of chambers were increased to two and three chambers respectively, 
o The integration of the system with solar energy source is expected to provide 
a lower energy cost, which would reduce the final product cost. While the 
water production cost is estimated to be increased when the system integrated 
with the fossil fuel as energy source due to increase the oil price during the 
year of this study.
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Nomenclature
The specific heat of the feed, kJ I k g ° C .
Cp The specific heat of oil in the heater, kJ f kgf C . 
rhj. Mass flow rate of feed, kg/s.
Mass of oil in the heater, kg .
?h^  The mass rate of evaporation, kg /s .  
rhj The mass rate of distillate, kg/s .
Qf^  Heat transfer to the feed passing through the heater, kJ / s.
Qfj Heat transfer to the oil inside the heater, kJ/ s.
Total heat supply to the heater, kJ/s .
Qp The heat released during the flashing process, kJ /s .
Qç, The heat condensation, kJ/s .
T^  The heater temperature, °C .
T^  ^Final temperature of the boiler during time interval, °C ,
At Time interval, sec.
Vapour temperature, K.
(Tg). Inlet temperature of the feed in the condenser, .
(Tg Outlet temperature of the feed in the condenser, .
(T;,)y Inlet hot temperature of the feed evaporation at the vacuum chamber, "C .
(T;, Outlet hot temperature of the feed leave the vacuum chamber at create vacuum pressure, . 
Tj^  The saturation temperature of the created vacuum, ° C .
AT/^  ^Thermodynamic losses, .
Saturation pressure, kPa .
Production rate per unit heat per time, kg / kWh.
X The latent heat, kJ /kg. 
a f  Amortisation factor. 
i is The interest rate.
n is The number of years.
N is the number of chambers.
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CHAPTER 1
1 Introduction
Water is the most valuable resource, not just essential for human life but also a fundamental factor 
for the economic and industrial development of every country. Water covers approximately 75% of 
the total surface of the earth. Unfortunately, most of these quantities of water are unfit for drinking 
or human usage. Salt water represents 97.5% of this amount while the remaining 2.5% is fi*esh 
water, as shown in Figure 1.1 , with 68.9% of this amount being found in glaciers and ice caps 
(UNEP, 2002). The consumption of water is rapidly increasing and current fi’eshwater resources 
will not be able to meet all the needs of future demands. Most of these resources are polluted by 
thousands of chemical and biological materials, as a result of un-perceptive behaviours. Therefore, 
to obtain safe drinking water is a considerable obstacle for most countries not just for the population 
but also for expenditure.
Saltwater97.5%1 365 000 000 krrfl
Freshwater2.5%35 000 000 k n f
— oa% Lakes and river storage130.8% Groundwater, Includingsoil moisture, swamp water and permafrost
68.9% Glaciers and permanent snow cover
Figure 1.1 Total global saltwater and fi-eshwater estimates, (UNEP, 2002)
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1.1 An Overview of the Global Water Problems
The consumption of water is r£q)idly increasing and current freshwater resources will not be able to 
meet all needs of future demands. Today, the world population is circa six billion (USCB, 2003). 
Figure 1.2 shows population data back to the year 1950 and forecasts the future up to the year 2050.
1950 1960 1970 1980 1990 2000 2010 2020 2030 2040 2050
Figure 1.2 Change in the world population since 1950 to 2050 (Matt, 2007)
The shortage of fresh water represents a serious problem for new generations. Water shortage is 
becoming a global issue due to the increasing population, economic growth and climate change. 
According to People Action International, there were 31 countries with a total population of 458 
million which faced water stress in 1995. More seriously over 2.8 billion people in 48 countries will 
face water stress by 2025 (PAI, 1999). More than 40% of the world population is suffering fmm 
water shortages. This is expected to increase by more than 60% by the end of year 2025, due to the 
increase in population, industrial development and changes in lifestyle (El-Dessouky et al, 2002). 
The World Health Organization (W H O.) estimates that there are over one billion people in the 
world who need access to fresh water (W H O., 2005). One study has estimated the percentage of 
people living without access to potable water could be increased to 63% in 2050, as shown in 
Figure 1.3 (Angelo, 2000).
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Access
No A ccess 
63%
Figure 1.3 Estimated percentage of population with or without access to potable water in 2050 
(Angelo, 2000)
In developing countries, 80- 90% of all diseases and 30% of all deaths are a result of using unsafe 
water (El-Dessouky et al., 1999). Most Middle Eastern countries have water shortages that will 
result in a serious water crisis and will lead to an outbreak of water-war in that region, unless some 
serious measures are taken to address the problem (Joshua, 2003). The water shortage in Arab 
countries is increasing and in the short-term fresh water in these countries will probably terminate 
(Wardah et al., 2004). In the Far East water shortages are also a problem. For example, China has 
22% of the world population, yet only 7% of the world’s fresh water is available (Bindra et al.,
2001). 40 million people who live in 100 cities in China do not have enough water for their use 
(Sci, 2000). Today, Europe also faces severe problems as a result of lakes atrophied (Cosgrove et 
al,  2000). Water shortages have also appeared in the UK and are forecast to increase. In London, 
over half of its rainfall is consumed by ‘Thames water’, one of the companies which supplies water 
to London and is now looking for an alternative water supply (Stedman, 2005). In Spain, water 
shortages are becoming a serious problem also especially in the summer season when the number of 
tourists increases, leading to an increase in water consumption, along with that of local people 
(Javier, 2001). Figure 1.4 illustrates the percentage of population without safe drinking water. 
Mcueover, most of the potable water sources encounter pollution problems which reduced their 
ability to meet the increasing of water demand (kufahl, 2002).
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Figure 1.4 Population without access to safe drinking water (Gleick, 1998)
In the light of the above, this situation has forced many countries to confront this problem. 
Desalination of seawater has proved to sensible option to provide fresh water and in many cases, it 
is the only possible solution for many countries around the globe.
1.2 Desalination
Desalination is a water treatment process that removes the excess dissolved salts and other 
impurities from seawater or brackish water to obtain potable water. Previously, people have used 
groundwater, rivers, streams and rainfall for drinking, irrigation and special use. Due to increased 
population, change of lifestyle and industrial development, the consumption of fresh water has 
increased substantially. The desalination of seawater is a convenient solution to increase the 
accessible freshwater resources, suitable solution for dryness and for dealing with the critical 
situation of water shortages for most countries.
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1.3 History of Thermal Desalmation
The use of distillation for the conversion of saline waters to freshwater has been used for a long 
time. The principle of desalmation was known in the 4^ century by Aristotle and two experiments 
in questions naturals have been described by Adélard de Bath in the 12^ century (Dutang, 2005). In 
the 17  ^Century, some reference indicates that Japanese sailors used simple boilers on their sea trips 
to get fresh water from seawater. In 1912, the six-effect desalination plant was installed in Egypt 
with a capacity of 75mVd and another one was installed in Yemen 100 years ago (Khan, 1986). In 
the early 1930’s, and after oil had been discovered in the Middle East, some seawater desalinations 
units were installed in the Arabian Gulf countries, which are desert countries that have insufficient 
fresh water (El-Dessouky et a l,  2002). During the period of 1929-1937, the total production of 
fresh water by desalmation increased. In the 1940’s, the development of oil production in the 
Arabian Gulf assisted in the development of the desalmation industry (Khan, 1986). The first 
desalination MSF unit was built in the Arabian Gulf in 1957 in Kuwait; it was a four stage flash 
type with two units of 0.5 million imperial gallon per day (MIGD) production capacities each (Al- 
Wazzan et al., 2001). Accelerate numbers of desalmation plants has increased during the 1960s (Al- 
bahou et a l,  2007). The first unit installed in Europe was in Guernsey, UK (El-Dessouky et al,
2002). It had several corrosion problems before it was taken out of service in the 1970’s. Based on 
the Bui'os report, distillate process became a fully commercial enterprise by the 1980’s and the use 
of thermal desalmation technologies for municipal water supplies had become commonplace by the 
1990’s (Bm-os, 1990).
1,4 Desalination Technology
There are several desalination processes but the basic methods for desalination processes are 
classified into two classes; Thermal and Membrane processes. The thermal processes involve a 
phase change to obtain fresh water from the brine, whereas the membrane processes are hydrostatic 
pressure (a mechanical process) without phase change. The most important characteristic to select 
die desalination process is feed water salinity which is the concentration of dissolved salt in water, 
also known as the total dissolved solid (T.D.S.).
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Table 1-1 represents the classification of water types according to the T.D.S. level. A desalting 
device is basically used to separate seawater into two streams; distillate water with low salt 
concentration and brine streams with high salt concentration. Of course, energy is required.
Table 1-1 Feed water classified by total dissolved solids (World Bank, 2004).
Type of water TDS, (mg/1)
Fresh water <500
Low salinity brackish water 1000-5000
High salinity brackish water 5000-15000
Seawater 7000-50,000
1.4.1 Thermal Processes
Thermal process is based on the principal of the Earth’s natural water cycle, which involves 
evaporation and condensation. Approximately 61.6% of the world’s desalinated water is produced 
by the thermal process (RBF, 2004). The water product from these processes is neaiiy salt-free with 
very low T.D.S. (less than 25 mg/L). As mentioned, this technique depends on a phase change from 
liquid to vapour by heating or by a pressuie reduction to bring the solution to its boiling point 
(Khan, 1986). There are three main thermal processes used today. These are Multi-Stage Flash, 
Multiple Effect Distillation and Vapour Compression.
1.4.1.1 Multi-Stage Flash Process
Multi-Stage flash process (M.S.F.) is the most widely used technology for seawater desalmation in 
the world (Khan, 1986). The concept for this process is evaporation by pressure reduction, which is 
called flashing. This process will be discussed in more detail in Chapter 2.
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1.4.1.2 Multiple Effect Distillation
The multiple effect distillation (MED) process is the oldest desalination technology (Al-shammiri et 
ai,  1999). The MED process takes place in a series of vessels called effects and applies the 
principal of pressure reduction in the successive effects (Khawaji et al., 2008). Figure 1.5 shows the 
diagram of MED process.
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Figure 1.5 Multiple Effect Distillation plant (Ettouney et ai,  2002).
In the first effect, the tubes are heated by the steam from a boiler. Then, the seawater enters the first 
effect by spraying in a thin film onto the surface of ev^rator tubes, to promote r^id boiling and 
evaporation. The vapour formed in this effect heats the next lower pressure effect. In this plant, the 
vapour formed in the previous effect is used to heat the next effect until the vapour for the last 
effect is condensed in the main condenser. Vapours produced in each effect pass through a demister 
and condense on the tube surfaces. The product water, the distillate, is collected finm the 
condensate of the vapour in each effect and from the main condenser. Whereas, un-evaporated brine 
is pumped to the next effect or can be taken out from each effect. The main distinction between 
M.S.F. and M E D. is just in the way of recovering the condensation heat in the stage or effect. In a 
MSF, this heat is recovered by increasing the temperature of the recirculation brine, whereas in a 
M E D. it causes the evaporation of seawater. Normally this type of process operates with a low top 
brine temperature (T.B.T.) in the first effect of about 70*C, so the scaling problem is reduced and 
the energy consumptions are lower than MSF (Ophir et ai, 1994).
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1,4.1,3 Vapour Compression
The vapour compression (VC.) is an old method used since the 1930’s (world Bank, 2004). V.C. 
plants are relatively small in capacity and have limited use in the desalination industry (Khan, 
1986). Two methods of compression are applied which are Mechanical and Thermal (steam). In 
Mechanical Vapour Compression (M.VC.) an electrical or fuel engine is used to operate the 
compressor. While, in the Thermal Vapour Compression (T.V.C.) the compressed steam is used as 
a heat source. Figure 1.6 shows the V.C. diagram.
FEED WATER EVAPORATOR \?ESSEL
TUBE BUNDLE
VAPOUR SPACE VAPOUR
CORÎFRESSOR
DISTILLATE
 — ■      —
CONCENTRATE TO RECIRCULATION
Figure 1.6 Vapour Compression (Ian, 2003).
The seawater is sprayed over an evaporator tube bundle, where it evaporates and produces more 
vapour. A compressor creates a vacuum in the vessel by extracting vapour and condensing it within 
the tube bundle. Compressed vapours are sent inside the evaporator tube bundle, where they 
condense to produce fresh water. Un-evaporate (concentrate) flowing down as a reject. Some 
amount of the reject is mixed with feed water (seawater) again and preheated by the hot distillate, 
then pumped to the evaporated unit. The V.C. process is rarely used and only with small-scale 
desalination units. Tlie production range is about 3,000 mVday and with power consumption, is 
approximately 8 kW/m® of product water (Khawaji et ai,  2008).
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1.4.2 Membrane Processes
Membranes are used in two commercially important desalination processes: Electrodialysis and 
Reverse Osmosis. Compared to thermal desalination, no phase change is required with less energy 
consumption.
1.4.2.1 Electrodialysis
Electrodialysis (E.D.) was commercialised in 1960 and competitive for brackish water desalination, 
where the salt concentration is low (RBF, 2004). Figure 1.7 illustrates the Electrodialysis technique.
S e - le c trv e -me-mbranes
N e g a t iv epole
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Positive pole 
Electrode
Clean water
Figure 1.7 A simple diagram of an E.D. plant (Reuther, 2003)
The seawater, or brackish water, is composed of positive ions (cation) and negative ions (anions). 
The E.D, unit consist of two electrodes;, cathode and anode. An electrical voltage is applied in this 
process to separate the ionic substance in the membrane stack (der Bruggen, 2002). Membranes are 
usually arranged in an alternate pattern, with an anion-selective membrane followed by a cation- 
selective membrane. The E.D. unit consists of several hundred cells bound together with electrodes 
and is referred to as a ‘stack’. The electrical current is passed through the salt solution. The anion 
membrane allows only anions to pass through to the positively charged electrode and the cation 
membrane allows only cations to pass through to the negatively charged electrode. The membranes 
are very thin to minimise the electrical resistance of the stack and the typical plant size is about
1,000 -  40,000 mVd (World Bank, 2004).
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1.4.2.2 Reverse Osmosis
Reverse osmosis (R.O.) is the most important method of the membrane processes for production of 
fresh water. The R.O. is a new process that was commercialised in the 1960’s and used with 
brackish water (Amjad, 1993). In 1980’s, R.O. became competitive with the classical desalination 
techniques (der Bruggen, 2002). The R.O. is used for seawater and brackish water (Furukawa, 
1997). The R.O. membranes are operated on a particle size range of 5x10'^  pm to 5x10*^  pm (El- 
Dessouky et ai, 2002), so it is able to remove most salt ions like sodium chloride (NaCl). Osmosis 
is a natural process where pure water flows through a membrane from the lower concentration to 
the higher concentration. Nevertheless, the R.O. operates on the opposite o f this principal, as shown 
in Figure 1.8. The R.O. process uses a high pressure to overcome the osmotic pressure, so the pure 
water passes through a semi-permeable membrane from areas of high concentration to areas of low 
concentration (Faller, 1999).
Piessnre
Concentrated
solution
penowbh me
Freshwater
Concentrated
solution
senu-penneeble
Freshwater
Figure 1.8 The Principle of Osmosis and Reverse Osmosis (World Bank, 2004).
A high pressure pump is required in this process to supply the pressure for the freshwater to pass 
through the membrane. This pressure varies between 10-25 bars for brackish water and 50-80 bars 
for seawater (Raphael, 2000). Figure 1.9 shows the simple diagram of a R.O. plant.
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Figure 1.9 A simple diagram of a R.O. plant (Buros, 1990).
Pre-treatment includes filtration and a chemical additive of feed water is a very important step to 
prevent the membrane from fouling and scaling risk. According to the Water Health Organization 
(WHO) regulations, the concentration of NaCl is 100-500 ppm the water product from RO is 
acceptable.
1.4.3 Comparison between R.O, and M.S.F. Desalination Processes
The competition between R.O. and M.S.F. methods as well as the reduction of unit costs can be 
observed in the desalination field. The main difficulty faced in R.O. plants in the Middle East and 
elsewhere is the pretreatment, where the conventional filtration methods are inadequate (Khawaji et. 
al,  2008). The R.O. processes require intensive pre-treatment. Pre-treatment of feed water is a 
critical factor in the operation of an R.O. system due to membranes sensitivity to fouling (Word 
Bank, 2004), It includes feed water sterilisation, filtmtion and addition of chemicals in order to 
prevent scaling and biofouling. In thermal and membrane processes, an increasing in the total 
dissolved solid (T.D.S.) of the feed results in serious problems. In R.O., a higher T.D.S. results in 
higher pumping pressure to overcome the osmotic pressure which is increasing with increasing the 
salt concentration or T.D.S. of the seed (Turek et. a l,  2003). According to El-Dessouky (2002) the 
major energy requirement for R.O. is for the high pressure of the feed water; normally 60-80 bar 
depending on the salinity level and the recovery rate of the process. Therefore, the membranes need 
to withstand such high pressures which mean higher cost as weU as higher fouling problems. 
However, in the case of thermal desalination such as M.S.F. method the energy consumption of the
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process is independent of the salinity level of the feed, as it involves only evaporation and 
condensation. The maximum salt concentration can be used in R.O. method was estimated to be 
about lOOg/1 (Karelin et. a l,  1996). The increasing of inlet salt concentration has direct effect on the 
unit water cost for R.O. method while there is no effect for M.S.F. method as shown in Figui*e 1.10 .
150
Figuie 1.10 Unit water cost vs. inlet concentration for R.O. and M.S.F, (Turek et. al^ 2003).
The plant capacity, energy usage and the water type are affecting the unit water cost for both 
methods. As mentioned, the energy requirements for MSF method can be represented by the 
number of water units produced per unit of steam consumed which is known as the performance 
ratio (P.R.). So, increasing of P,R. for M.S.F. is more deshable and leads to decrease the unit water 
cost. In the R.O. method, increasing the recovery rates, which is defined as the ratio of the produced 
water to the feed water, indicates the process efficiency.
The approximate feed of raw water needs to produce Im  ^of potable water is 1.3-1.4m^ of brackish 
water or 2-2.5m  ^ of seawater (World Bank, 2004). The cuiTent recovery rate of R.O. process in 
most R.O. plants in the Middle East is in the range of 35% (Khawaji et. a l,  2008). For R.O., energy 
costs are represented by electricity consumption for pumping purposes (Reddy et.al, 2007), which 
accounts normally for about 50% of the operating cost. The energy consumption of R .0, is about
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6-8 kWh/m  ^without energy recovery device and 4-5kWh/m  ^with recovery device (Moch, 2002). 
The unit water costs for R.O. method of brackish water is in the range 0.26-1.33$/nP and for 
seawater is in the range 0.45-l,72$/m^ depend on the plant size and salt concentration (Karagiannis 
e ta l ,  2008). The unit water costs for M.S.F. and R.O. process for lai-ge plants with similar 
production size are $0.52/m^ and $0.45W  respectively (Borsani et.al^ 2005). These figmes are for 
given site and given energy (fuel or electricity) cost. The M.S.F. methods is energy intensive due to 
vaporisation and the phase change and therefore more expensive. However, it is used in place where 
the energy is available at low cost such the Middle East. It is also used because there is a large 
operation experience and it is more reliable than R.O. in Middle East. The M.S.F. plants can also be 
used in co-generation water and power plants to utilise the access heat from the power plants. 
Finally, the R.O. is not able to achieve its proper share in the Arabian Gulf market due to difficult 
seawater composition and extensive historical use of thermal use of thermal, mainly M.S.F., 
desalination (Reddy et.al, 2007).
1.5 Desalination Marketing
The total capacity grew from 1.5 million meter cubic per day (MmVday) in 1971 to 2.2 Mm /^day in 
1976 and reached about 20.3 MmVday in 1996 (FSTA, 2004). Figure 1.11 shows the increase in the 
production of seawater desalination during the last 100 years. In 1995, there were over 11,000 
installations spread in 120 countries all over the world and approximately 50% of those were 
operating in the Middle East region (Wangnick, 1998). Whereas, the desalination plant installations 
had risen to over 15,000 units with a total capacity of 32,4 Mm /^day by the end of 2002 (Zhou et 
al., 2005). These days, the global fresh water production is reaching 40MmVday; an average 
increase of 12% during the last five years (GWI, 2006). According to the Desalination Markets 
Report 2005-2015, the expected desalination water capacity will increase to 64MmVday by 2010 
and rise to 98 Mm /^day by the end of 2015, with a 13.4% compound annual growth rate 
(Desalination Markets, 2004).
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Figure 1.11 Growth of global industrial and municipal water consumption (Gleick, 1993).
Based on the Global Water Intelligence (GWI), the water market index increased by 20.1% in 2007 
and the report indicates the growth came from Asia (GWI, 2008). Figure 1.12 represent the forecast 
increases during the next decade.
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Figure 1.12 Forecast increases in desalination capacity by region (Desalination Markets, 2004)
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This increase of water capacity needs to be matched by an increase of investment, as shown in 
Figure 1.13.
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Figure 1.13 Total global desalination market spending in 2005,2010 and 2015 (GWI, 2006).
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Chapter 2
2 Multi-Stage Flash Distillation
2.1 Overview
Multi-Stage Flash Distillation (M.S.F.) is the oldest technology in thermal process desalination. The 
M.S.F. desalination process is the most widely used desalination process in the world. The M.S.F. 
desalination has a market share of over 60% o f the worldwide desalination production, and in the 
Middle East area, this share rises to almost 80% (Robert et aL, 2005). The M.S.F. process was 
established in the 1950’s in Kuwait and then found in several countries (Al-baliou et a l, 2007). The 
design was based on the old Multi-effect desalination by the Westinghouse Company (Darwish et 
a l, 1995). Several old M.S.F. units that were installed in the seventies still remain in operation (Al- 
bahou et al-, 2007). An old M.S.F. plant in Qatar was decommissioned in 2007 after 45years in 
operation, while triple-effect submerged is still in operation after 53years (WDR, 2008).
2.2 M.S.F. Operation Principle
The operation principle of the M.S.F. process depends on the relationship between boiling 
temperature and pressur e. To evaporate a quantity of seawater to vapour phase heat should be added 
to the system to reach the boiling point of the solution. This means more energy consumption, as 
well as, an increase in operating cost. The boiling temperature of water is a function of pressure; its 
value is 100°C at Ibar (101.325 kPa) and it needs energy of about 4.2 kJ/kg.K to raise the 
temperature of one kilogram of solution by one degree. The boiling point of water drops with 
decreasing absolute pressure. When the pressure is reduced, bubbles evolve from the whole liquid 
mass which is called ‘flashing’. Seawater in the M.S.F. system is a pressurised and flashed process 
occurs (Almula et a l, 2005). Seawater is heated below the saturation temperature in the brine heater 
and fed into the sequential chambers with graduated low pressure (Porteous, 1975). This 
relationship leads to a saving o f energy consumption and an increase in vapour release. As 
mentioned, M.S.F. (as thermal desalination) involves a phase change from liquid to v^rour. Figure
2.1 shows this relationship between boiling point temperature and pressure for water.
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Figure 2.1 Boiling point temperature against vapour pressure for water (Smith, 1987).
2.3 M.S.F. Process Description
There are two types of M.S.F. plant; once-through and the recirculation-brine. The once-through 
Multi-Stage flash desalination plant consists of two sections; heat recovery and brine heater (Helal, 
2004a), The recirculation-brine M.S.F. desalination plant consists of three sections; heat-rejection, 
heat recovery and brine heater (Darwish et a l, 1997), which is a modification of the once- through 
M.S.F. process. Normally, the heat rejection section consists of three flash chambers (Alatiqi et a l, 
1999). While, the flash chambers in the heat recovery section reach up to 40 chambers (El- 
Dessouky et a l, 1999); these flash chambers are called the stages. In the recirculation-brine M.S.F. 
plant, large masses of brine stream with high concentrate leaves the reject section as brine blow 
down and rejects to the sea (Alatiqi et a l, 1999), as shown in Figure 2.2. On the other hand, the 
feed (Intake seawater) stream enters the reject section through the condenser tubes and separates 
into two streams; cooling water and feed seawater. The cooling water is rejected back to the sea 
while the feed seawater is mixed with the remaining part of the brine stream as a make-up and 
recycled to the last stage in the recovery section. The temperature of the cooling water and feed 
seawater, intake-seawater, is similar to the blow-down stream (Nabil et al, 2007). This would keep 
the operation of the bottom rejection stage at a stable condition (Ai-Wazan, 2001). In the recovery
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section, long pipes (bundles) are passed through these stages to carry away the recirculation stream 
to the brine heater.
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Demister
Heating
Steam
Condensate
Cooling
Seawater Feed Seawater
Recycle
Brine
Brine Blowdown
Distillate
Intake
Seawater
DistiiUte
Product
Distillsie
from HealBnne
Section
Figure 2.2 Recirculation-brine M.S.F. desalination process (Alatiqi et a l,  1999).
In proceeding to the brine heater, the recirculation mixture (brine and feed seawater) is passed 
through each stage of the recovery section. Its temperature increases by gaining the heat that is 
released by the condensation of flashing vapour on the tubes surface. Then, the recirculation brine 
stream leaves the first stage of the recovery section at a certain temperature and enters the brine 
heater. In the brine heater, the recycle stream enters the brine heater tube and its temperature 
increases to the required temperature during thermal exchange with steam at 2 bars. Therefore, the 
steam condenses and returns to the turbine and is recycled again to the brine heater. The 
recirculation brine leaves the brine heater at a certain temperature, which is known as the top brine 
temperature (T.B.T.). The recirculated stream enters the first stage of the heat-recovery section and 
the pressure suddenly decreases, which causes the recirculation brine to become superheated and a 
small amount of the brine is flashed off to release vapour (El-Dessouky et a i, 1995). The vapour 
passes through the wire mesh demister, where the salt carried with the vapour is removed as shown 
in Figure 2.3. The demister is mounted on either side of the tube bundle (Neil, 2001). The vapour 
condenses on the outside surface of the condenser tube. The condensate is collected in the product 
tray as fi^sh water and withdrawn by the distillate pump in the last stage (El-Dessouky et a i, 1999). 
The latent heat loss during the condensation process is used to preheat the recirculation brine stream 
in the recovery pipe. The non- condensable gases that are released during the flashing process are
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removed by the steam jet ejector. The accumulation of these gases causes corrosion of the tube 
condenser, a reduction in the overall heat transfer coefficient, which thus leads to an increase in the 
energy consumption ad reduction in the efficiency and productivity of the system (Alatiqi et aL, 
1999). Then, the recirculation brine stream leaves the first recovery stage and goes to the next stage 
through an orifice and wire system, which is at a lower pressure and temperature.
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Figure 2.3 A cross section of a single stage in the M.S.F. desalination plant (Ian et a l, 2003)
The process is then repeated in subsequent stages by reducing the pressure gradually at each stage. 
Finally, the recirculation brine stream enters the heat- rejection section, where part of it is rejected 
to the sea as blow-down and the remaining is mixed with the feed seawater as make-up. Then, the 
make-up feeds back through the heat-recovery section and the cycle is repeated again. On the other 
hand, all the brine is rejected to the sea in the last stage of the heat-recovery section in the once- 
through M.S.F. plant, where there is no brine recirculation in the system. This is shown in Figure 
2.4 (Helal et a l, 2004b).
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Figure 2.4 Once-through Multi-Stage flash evaporator (Helal et a i, 2004b).
2.4 Characteristics of M.S.F. Distillation Processes
2.4.1 Top Brine Temperature
The temperature of the recirculation brine that leaves the brine heater and enters the first stage of 
recovery section is known as the top brine temperature (T.B.T.). In the M.S.F. desalination plant, 
the range of TBT is 90-120’C, which depends on the type of antiscalent material used (Alatiqi et 
a i, 1999). The top brine temperature is the main variable for the M.S.F. plant. An increase the 
T.B.T. leads to an increase in the thermal performance ratio and the efficiency of the plant (Aly et 
a i, 2003). The thermal performance ratio (P.R.) is the ratio of the distillate flowrate produced, M ^ ,
to the steam flowrate supplied, Af,, to the brine heater (El-Dessouky el a i, 1995). This relationship
between the T.B.T and the P.R. is shown in Figure 2.5. Hamed el al. have mentioned that, the 
thermal performance ratio increases for Jeddah II plant at a higher T.B.T. (Hamed et a i, 2000). This 
means the energy consumption will be reduced.
20
Chapter 2 Multi-Stage Flash Distillation
o-a2
8
Cu
14 -r 
13 
12 
11 
10 
9 
8 
7 
6 
5 
4 
3
85 90 95 100 105 110 115
Top brine temperature,t
120 125
AT losses® 2*C AT losses® lA'C AT losses^ IX AT losses® 0.5X
Figure 2.5 Performance ratio as a function of TBT and the AT losses, for 23 stages (El-Dessouky 
et a l, 2002).
Also, the other merit of increasing the T.B.T. is increasing the temperature difference between the 
T.B.T., and the cooling water temperature, t .^ This temperature difference is known as the 
driving force for evaporation, or the temperature range,77? = -t^ , (Darwish et a l, 1995). The
higher the driving force, the greater product of distillate water (El-Dessouky et a l, 2002). Al- 
Shammiri has mentioned the benefits of increasing T.B.T.; there is a decrease the number of stages, 
a reduced heat transfer area, reduction the amount of steam consumed and consequently, a increase 
in the performance ratio (Al-Shammiri et a l, 2004). Unfortunately, these advantages with high top 
brine temperature are corresponded by some disadvantages. The scaling and corrosion formation 
are increased (Aly et a l, 2003). Higher cost of steam, higher pressure design for the flash chamber 
and also a high pressure recirculation pump is required (Darwish et a l, 1995).
2.4.2 Scaling and Corrosion
Seawater is an aqueous solution, of which 96.5% is water and the remaining 3.5% is dissolved salt 
of various types ion, such as N a\ Cl , Ca^ ,^ Mg ,^ SO /' and others (Khan, 1986), as shown in Table 
2-1
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Table 2-1 The standard seawater composition with T.D.S. of 36,000 ppm (El-Dessouky et ah, 2002)
Calcium (Ca^+) 417.6 Magnesium (M g^) 1328.4
Chloride (CT) 19810.8 Sodium (Na^) 11019.6
Potassium (K^ 417.6 Boric Acid (H3BO3) 25.2
Bromine (Br‘) 68.4 Strontium (Sr^) 14.4
Sulphate (SO4 )" 2764.8 Carbonic Acid (H2CO3) 147.6
One of the main operation problems in thermal desalination is the formation of scales, especially 
with M .S.F,. Scale forms when the solid materials are sedimented on the tubes surface, mainly in 
the brine heater and the recovery section. Two types of scales formation observed in M.S.F. 
distillation are alkaline and non-alkaline (Al-Sofi, 1999). Calcium carbonate, CaCO^, and
magnesium hydroxide, are commonly Imown as alkaline scale, while calcium
sulfate C«5'0 4 , is mainly referred to as non-alkaline scale (Gill, 1999). These classifications are 
shown in Figure 2.6.
SCALE
]
Soft and Alkaline 
(C aC 0 g ),M g (0 %
Hard andNon-AIkaline 
(CaS04)
]
CaS042Hi0
(gypsum) CaS04.1/2 H2 (hemihydrate)
CaS04
(Anhydrite)
Figure 2.6 The classification of scaling formation in M.S.F. distillation.
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2.4,2.1 Alkaline Scale
Calcium carbonate, CnCOg, and magnesium hydroxide, Mg(OH)2 , are alkaline scale. Calcium 
bicarbonate, Ca(7fC03 >2, changes to calcium carbonate at temperatures above 50°C, v^hich 
precipitates while carbon dioxide is liberated (Heitmann, 1990) and (Knudsen, 1990). El Din et al, 
suggests the mechanisms of this type o f scaling (El Din et a l, 2002). The HCO^ ion is decomposed
toCOg", according to the following reaction:
2HCO; = COl~ + CO2  + H^O (2.1)
This will lead to the precipitation of CaCO  ^ in solid {s) phase when its solubility limits are 
exceeded, as shown in the following chemical reaction
c o l-  + = CaCO  ^ (2.2)
Above 80°C, the carbonate ions, CO3 , hydrolyse to form hydroxyl ions, which combine
witli magnesium ions, Mg^^ , to produce magnesium hydroxide scale in a solid {s) phase according
to:
col"  + H 2 O = 20H" + CO2 (2.3)
Then,
2 OH- +Mg^*= (2.4)
Figure 2.7 shows the solubility o f CaCO  ^ and Mg{OH ) 2  in seawater at various concentrations and 
temperatures. The solubility of CaCO  ^ depends on the pH  as well as the total alkalinity.
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Figure 2.7 Solubility of CaCO  ^ and Mg(OH ) 2  for varying seawater concentrations and 
temperature (khan,1986).
Alkaline scale is controlled by either lowering the pH  of bicarbonate or by chemical additives 
(anti-scalant) that are called threshold agents (El Din et a l, 1994). These types of anti-scalant 
materials will be discussed in more detail in the pretreatment section (2 .6).
2.4.2.2 Non-Alkaline Scale
The most common type of scaling is calcium sulfate {CaSO^ ). Usually, the solubility for most salts 
is increased with die increase of temperature but this is where calcium sulfate is not present (khan, 
1986). The calcium sulfate has inverse solubility, which means its solubility decreases with 
increasing temperature. The calcium sulfate scale occurs in M.S.F. plant when the temperature is 
above 120”C (Al-Deffeeri, 2007).
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The calcium sulfate scale is precipitated from seawater according to the following reaction:
+ 5'Of -> CaSO  ^ (2.5)
There are three forms of calcium sulfate which can be deposited on the surface:
1. Anhydrite CaSO  ^;
2. Hemihydrate CaSO^. 1 / IHjO  ;
3. Dihydrate CaS0^2H20 (gypsmn).
Figure 2.8 shows the solubility o f these salts in seawater as a frmction of temperature and 
concentration. There are separate curves for these forms. In the left area o f the curve, seawater is 
under saturation conditions so that there is no scaling precipitate. The right region of the curve is 
the saturation region where scaling exists. Khan reports about these forms of calcuim sulfate (Khan, 
1986). Dihydrate (gypsum) deposites below 95"C, The hemihydrate will deposit at 12 TO. The 
anhydrite form can be expected above 40°C due to its lower solubility.
CaS0^.2H2Û (gypsum) 95"C CaS0^.1/2H20< ^
42
CaSO  ^ (Anhydrite)
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Figure 2.8 Calcium Sulfate solubility with different crystalline forms (Ian et a l, 2003).
This type of scaling is controlled by operating the T.B.T. below 120°C (Al-Deffeeri, 2007). 
Chemical additives are not suitable with this type of scaling; acidic dosing can cause corrosion and 
increases the potential for calcium sulfate scale formation because CaS04  is insoluble in acidic 
additive.
Scaling can affect the M.S.F. plant at various sites. If demisters develop scales, this can lead to a 
blockage of the wire meshes. Heat transfer will decrease because the vapour pressure drop across 
the demisters increases. Therefore, the brine outlet temperature is reduced. This means the brine 
recirculation enters the brine heater at a lower temperature (colder brine), which leads to higher 
steam energy consumption, as well as lower efficiency and cost increases. Accumulation of deposits 
of scaling on the heat transfer surface makes a barrier that causes a reduction in the overall thermal 
conductivity o f the surface. As a result, the heat transfer between brine and condensation vapour is 
reduced. This will cause a reduction in the performance ratio and vapour flashed off so that the 
distillate amount decreases.
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Corrosion is another major problem in the M.S.F. desalination process. Seawater contains dissolved 
oxygen. The increase of oxygen in the M.S.F. plant means that hydrogen is not formed. Therefore, 
corrosion is expected to appear (Khan, 1986). For this reason, oxygen is removed in the M.S.F. 
plant in a deaerator and must be kept below 50 ppb. High brine velocity, air leakage and dissolved 
gases are the main important factors in the corrosion rate (Khan, 1986). New materials have been 
used with high resistance against corrosion (der Bruggen, 2002), Stainless steel materials are often 
used with the M.S.F. plant (Oldified, 1999). Titanium is used in the brine heater tube with high 
M.S.F. design (Andijani et a l, 2000). Kershman has reported to overcome the scaling and corrosion 
problems for the new M.S.F. plant by using stainless steel and titanium materials with the 
evaporator and the heat exchanger (Kershman, 2001).
2.4.3 Energy Requirements
Energy consumption is one of the important parameters in the desalination industry (Darwish et a l, 
1997). Energy represents a high percentage of the unit product cost. Energy consumption represents 
the major challenge in the desalination industry. The cost of energy consumes between 30 to 50% 
of the operation cost (Semiat, 2000). Energy of the M.S.F. plant consumes 59% and more from the 
operation cost (Desalination Markets, 2004), Cheap energy is not an available option for many 
countries, especially, when the price of oil has recently (2008) inci-eased to more than 120 $/barrel. 
The energy consumption depends on the plants performance ratio (Cardona et a l, 2004). Cardona et 
al have reported that the M.S.F. plant consumes 50-120 kWh/m  ^of thermal energy and about 4-6 
kWh/m  ^ electrical energy. While, Huanmin et al have mentioned that the M.S.F. consumes 
48.5kWh and 1.3 kWh for heat and electricity, respectively, per each (Huanmin et a l, 2002). 
The M.S.F. plant, where the steam is supplied directly from the boiler, consumes 324 kJ/kg (or 
17.05MW thermal energy per 1 migd) (Darwish et a l, 2000). Andrianne et al have reported the 
M.S.F. plant consumes 3.8 kWh/m  ^electrical powers (Andrianne et a l, 2002). Ettouney et al have 
also mentioned in their research that the average specific power consumption by M.S.F. is 4 
kWh/m  ^but they did not mentioned the consumption of thermal energy (Ettouney et a l, 2002). Al- 
Sahali has reported that the M.S.F. process consumes a larger amount of energy than other 
processes (Al-Sahali, 2007). Six M.S.F. recirculating brine evaporators with a performance ratio of 
19 kg/ lOOOKcal heat input (Khawaji, 2001).
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The M.S.F. is the highest energy consumption process, compared to another thermal process which 
consumes 290 kJ/kg of thermal energy (Al-Wazzan, 2001). Further researches attempt to reduce the 
energy consumption of theitnal desalination (Khawaji et a l, 2008), Reduction of energy 
consumption for the M.S.F. process can be done using dual-purpose and hybrid processes (der 
Bruggen, 2002). Also, improvement o f the pretreatment system is another important factor to 
reduce the energy consumption. Hybrid and pretreatment systems will be discussed in detail in the 
following section.
2.5 Hybrid Systems
Many research efforts have been made to improve and develop the desalination industry. Energy is 
an important parameter in the industrial development. Energy is still an expensive item in countries 
where there is growth economic and prosperity of human life. In developing countries, the situation 
is at its worst, especially if the energy is imported. As mentioned, M.S.F. desalination is an energy 
intensive process. At a one million gallon per day (M.G.D.) M.S.F. plant in India, the water 
production cost is 1.41$/m  ^ and the capital cost is 5.06$/^  (Sadhukhan, 1996). Today (2008), the 
cost o f oil has increased to about $ 125/barrel (B.B.C., 2008). A country, like India, whose energy 
demands are increasing will face a difficult challenge in confronting the increase in demand for 
drinking water.
The aim of research efforts is to reduce the energy consumption and the equipment costs, therefore 
increasing the perfoimance ratio and reliability of the M.S.F. process. The mam goal is to reduce 
the total cost of the fresh water product, as well as the capital cost.
Hybrid systems are considered the most promising method, which combines one or more different 
systems together (e.g. power or R.O, desalination) to improve and reduce the energy consumption 
as well as decrease the overall capital and operating costs.
2.5.1 Dual-purpose M.S.F. Desalination Plants
The combination of power plant with the M.S.F. desalination plant is often called a dual-puipose 
plant (Al-Mutaz, 2004). Today, a large number of dual-purpose desalination plants have been built 
in the world, especially in the Middle East where the water distillate and electrical power has an 
increased demand (World Bank, 2004). It is more economic than the single purpose plants because 
of its low fuel consumption, less investment and fewer labour needs (Al-Mutaz, 2004).
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The fiiel energy saving by co-generation power-desalinating plants, compared to single purpose for 
power and desalting (Darwish, 2001). The M.S.F. plant consumes 324 kJ/kg (17.05MW thermal 
energy per 1 M.I.G.D.) and the single power plant consumes 660.68MW fuel energy to produce 
225MW electrical power (Darwish, 2000). But, the co-generation power-desalinating plant 
consumes 763.25MW fuel energy to produce 225MW electrical power and supplies 180MW 
tliermal energy to produce 12M.I.G.D. distillate water, which means the fuel energy consumes to 
produce 1 kg of distillate water is 162.4kJ/kg (Darwish, 2000). So, the energy saving by co­
generation power-desalinating plant is almost 50% comparing to the single MS.F. plant. Fath has 
optimised the current combined water-power generations (Fatli et al, 2004). Figure 2.9 shows the 
flow sheet of dual-purpose M.S.F. desalination plant. The boiler generates high-pressure steam, 
which is sent to a turbine. Then, tlie turbine drives an alternator that generates electricity. The 
backpressure of steam transfers to the brine heater at the desalination plant. Then, the steam 
condenses and goes back to the boiler, etc.
HP
Fuel
Pranp
Ahhr&vîaîionz'.
HP: High pressure.
Medium pressure 
G: Generator.
Figure 2.9 Steam boiler back pressure turbine power cycle coupled with M.S.F, (ESCWA, 2006).
29
Chapter 2 Multi-Stage Flash Distillation
2.5.2 R.O. -  M.S.F. Hybrid Systems
Improved performance and reduced product cost of the distillate water is the main objective from 
the hybrid systems of reverse osmosis and multi-stage flash (R.O./M.S.F.) (Helal et a/., 2003). Both 
desalination plants require an amount of energy for heat and electricity. The M.S.F. plant consumes 
in the range of 55-120 kWh/m  ^of thermal energy and 4-6 kWh/m  ^of electrical energy to produce 
3-9 kg of distillate water (Al-Mutaz, 2003). While, the R.O. requires in the range of 4.5-7 kWh of 
electrical energy to produce Im^  o f fresh water (Al-Mutaz, 2003). The hybrid system R.O./M.S.F. is 
now considered a valuable and economic alternative (Awerbuch et aly 1987). Al Sofl et al. (Al-Sofi 
et aly 1992) have investigated six different designs of hybrid plants. They compared the different 
hybrid systems by virtue of the performance and recovery ratios for each case. Based on Al Sofi’s 
hybrid configuration, a survey has been done by Helal (Helal et a l y  2004b) and (Helal et a l y  
2004c). The study explores the possible improvement of M.S.F. process economics. The result has 
indicated that the water cost of M.S.F. can be reduced by 17% to 24% and the water recovery range 
between 19.5% to 34.4% for the hybrid process Wiile 10.7% for the conventional M.S.F. process. 
The water cost for hybrid process in the range of 0.84 to 0.91 $/m  ^while the conventional M.S.F. is 
1.10 $/m  ^at the same desalted water capacity 21.37 M.G.D. Also, the specific capital cost for the 
M.S.F. plant is 1475.7 $/ (mVd), whereas it is in the range 1161.9- 1505.3 $/ (mVd) for hybrid 
plants. The performance ratio for the M.S.F. plant is 8.3, but, for the hybrid process plants, rises to 
the range of 7.1 to 10,8. Cardona has mentioned that in their investigation the thermal energy saving 
in the M.S.F. plant is in the range 50-115 kWh/m  ^(Cardona, 2004). Triple hybrid systems (power- 
M.S.F.-.R.O) are considered of more benefit than the dual-purpose plant (power-M.S.F.), as shown 
in Figure 2.10.
Pow er plant
Condtnwrte ^  return ,
Elactridty
_StomtoM8F
-»j Tometn Qfkl 
toROptonf
¥o ImSI^  plant
M8F unit
T
M6F product
M8F Brine
Blowdown
Common Bee«HBler Feed MSFIhed|
RO
Blended
tsstfr
(eed
Figure 2.10 Triple hybrid desalination plants (Power -  M.S.F. -  R.O.) (Hamed, 2005).
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Tlie specific energy consumption of the M.S.F. desalination plant reduces to around 50% when 
operating with (power-M.S,F.-R.O.) system than the dual-purpose plant (power-M.S.F.), as shown 
in Figure 2.11. More benefits can be obtained from this integration such as, both processes can use 
a common intake and post-treatment for the product, wliich means a higher reduction in die cost.
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Figure 2.11 Performance of MSF/power dual purpose plant with variable power load (Hamed, 
2005),
2.6 Pre-treatment
Seawater contains a variety of suspended solids and dissolved chemical material. The seawater 
properties have a high degree of total dissolved solid (T.DS.) at pH of about 8.2, hardness, turbidity 
and bacterial contents (Al-Sofi, 2001). These properties of seawater have caused major problems 
such as scaling, an increase in energy consumption, which reduces the performance ratio, and 
special design and material construction (Al-Sofi, 2001). All these materials are eliminated by the 
pretreatment system. As previously mentioned, increasing the top brine temperature (T.B.T.) to 
more than 120°C is more economically by increasing the performance ratio (P.R.), But, scaling and 
conosion occurs with high temperature, which causes a reduction in the performance ratio of the 
M.S.F. plant and more energy consumption, as well as an increase in the cost. So, pretreatment of 
seawater is required to eliminate these materials and to also prevent and improve the M.S.F. 
process.
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The most common way use in the M.S.F. pretreatment is by using chemical inhibitors. 
Nanofiltration is the new method used as pretreatment for the M.S.F. process and the initial results 
are recommended to use this technique witli thermal desalmation.
2.6*1 Chemical Scaling Inhibitors
Many attempts have been made with the objective to operate the multiple-stage flash (M.S.F.) at 
maximum brine temperature, which is called Top brine temperature’. Increasing T.B.T. for M.S.F. 
systems means an improvement of scale systems (Frohner, 1975). Attempts to control scale 
formation was the subject of extensive research in the 1960’s, especially in the USA (Khan, 1986). 
One of these attempts is using chemical scaling inhibitors to control the scaling and fouling. As 
mentioned, the main types of scales in multi-stage flash are calcium carbonate, CaCO ,^ magnesium
hydroxide, Mg{0H)2, and calcium sulfate, CaSO .^ Increasing the TB.T. for high performance in 
M.S.F. causes formation of hard scale from calcium sulfate, CaS0 4 . Both carbonate and magnesium 
hydroxide can be controlled by maintaining pH below 7.5 acidifying with sulfuric acid or 
hydrochloric and by using organic polymeric adding to the feed seawater in the M.S.F. plant (Al- 
Sofi, 1999). Unfortunately, sulfiuic acid can cause conosion and increases the potential for calcium 
sulfate scale formation because CaS04  is insoluble in sulfuric acid. Mixtuies of sodium 
tripolyphosphate have been used since the 1950’s (Finan et aly 1989). The main problem of 
polyphosphate inhibitors is the limited affect above 90°C, so acid dosing as new inhibitors appears 
in the 1960’s to overcome this problem (Hamed et a l , 1999).
During the period of the 1970’s -1980’s, high tempemture scale control additives were used to 
overcome the problems associated with acid operation (Finan et a l, 1989). Overdosing of anti- 
scalant material will lead to sludge formation (Al-Sofi et a l, 1989). Three types of anti-scalant were 
tested by S.W.C.C, at the R.D.C. M.S.F. pilot plant, Jeddah Phases II and Al-Jubil Phases II 
(Hamed et a l, 1999). These types are polycarboxylates polymers, polymaleic acid and 
polyphosphonate. Their results indicated that the scaling can be controlled by increasing the T.B.T, 
to 105°C and 110°C, The chemical removal methods of CaS04  are expensive and time consuming. 
The only alternative is to operate the M.S.F, process below 120°C. GiU (Gill, 1999) has reported 
about a new inhibitor for scale control in seawater desalination. His novel inhibitor is called 
polyamino polyeher methyenephosphonate, P.A,P.EM,P. It can reduce the use of acid inhibitors or 
eliminate them, as well as protect equipment fi*om corrosion and save acid cost Moreover, it can
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control scale formation of calcium carbonate (CaCOs) and calcium sulfate (CaS04 ). The effect on 
the top brine temperature was not mentioned with the usage of P.A.P.E.M.P. Pretreatment depends 
on the top brine temperature and the T.D.S. of the seawater (Ettouney et al, 2002). The chemical 
inhibitor costs represent 3-9% from the operating cost, depending on the size of the plant which 
decreases as plant size increases (Ettouney et al, 2002).
2.6.2 Nanofiltration
As mentioned, the seawater contains high concentration of hardness, impurities and T.D.S. at a pH 
of about 8.2. They have different effects on seawater desalination. Consequently, the top brine 
tempemture is limited to the range 90- 120X for the M.S.F. desalination plants. This is because of 
the sulfate scaling phenomena, which is due to the decrease of sulfate solubility with the increase of 
temperature. The conventional method uses the chemical inhibitors treatment to overcome their 
effects. Many research attempts have been made to overcome this problem by improving the 
chemical inhibitors treatments or material of constructions of the M.S.F. desalinations. A new 
approach to pretreatment using nanofiltration membiune was developed by the S.W.C.C. in Saudi 
Arabia, for membrane and thermal desalination processes (Hassan et al, 1998). A nanofiltration 
system, N.F., is a pressure driven membrane process. It is applied in the area between reverse 
osmosis (R.O.) and ultra-filtration (U.F.) membrane and it is suitable for removing the particle sizes 
between the ranges of 0.01- 0,001pm from the feed seawater (Hassan et al, 1998). The history of 
N.F. dates back to the 1970’s and by the mid 1980’s, N.F, was widely used (Hilal et a l, 2004). The 
N,F, membrane operates at a low pressure with less energy consumption (Al-Shammiri, 2004). 
During the last three years of the past century, extensive work has been done by S.W.C.C.-R.D. on 
nanofiltration pretreatment. All experimental work was done on pilot scale plants of a capacity of 
20 mVd for a period of 1200 hours and without using chemical inhibitors (Hamed, 2005). Hassan et 
al (1998) have reported their results obtained and confirm the success o f N,F. membranes as 
pretreatment unit with the M.S.F desalination. The M.S.F. plants can be operated at higher TB.T, in 
the range of 120°C to 160^0, or hi^er. The N,F. unit reduced the turbidity, microorganisms and 
removed hardness ions. The pilot plant was operated at 22 bars; N.F. removed the hardness ions 
ofCa^^ , , 5*0^, HCO;&sià the total hardness by 89.6%, 94.0%, 97,8%, 76.6% and 93.3%,
respectively. The M.S.F. operates at a T.B.T. above 120“C and without any scaling problems (Al- 
Sofi et a l, 1998), The S.W.C.C. introduced a new concept to seawater desalination by combining a 
N.F. membrane with one or more of the conventional processes. The N.F. pretreatment unit was 
placed ahead of M.S.F. as shown in Figure 2.12.
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Figure 2.12 Schematic flow diagram of dihybrid N.F.-M.S.F. desalination system (Hamed, 2005).
Tthe percentage of the product recovery was increased double of the conventional from 35% up to 
80% (Al-Sofi, 2001). In the fully integrated hybrid system as, N.F.-R.O.rcject-M.S.F. system, the 
reject of R.O. is used as a make-up for the M.S.F. and is applied on the pilot plant, as shown in 
Figure 2.13.
NF unit product
RO unit
product
MSFproduct
out
CooilngMSF unit
Figure 2.13 Schematic flow diagram of trihybrid N.F.-R.O.-M.S.F. desalination system (Hamed, 
2005).
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The reject of R.O. unit feeds to the M.S.F. desalination unit. The pilot plant was operated for 976 
hours at 130°C T.B.T. (Hamed, 2005). The N.F. membrane strongly recommended this as a 
pretreatment process for the M.S.F. but more economic studies are needed to determine the cost 
benefit for commercial scale M.S.F. plants (Al-Shammiri, 2004). There are more advantages of 
N.F. pretreatment; it lowers the energy consumption by 25-30%, there is a reduction of chemical 
inhibitor, it is environment friendly, as well as cost saving (Turek, 2002).
2.7 Multi-Stage Flash Desalination Marketing
The desalination market increases as a result of the increase in population, shortage of water and 
life style. Thermal desalination represents more than 65% of the total worldwide market; M.S.F. 
occupies 85% of the whole share of thermal desalination, as shown in Figure 2.14 and Figure 2.15 
(Stevens, 2003). Most MSF desalination plants are located in the Middle East, where the energy is 
readily available (Robert, 2005).
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Figure 2.14 Percentage comparison of desalination processes used worldwide 
(Angelo, 2000).
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Figure 2.15 Percentage comparison of distillation processes used worldwide 
(Angelo, 2000).
In the 1950’s, the M.S.F. unit capacity was 500m /^day (Al-Sahali, 2007). Today, the range of MSF 
production unit edacity is between 50,000 -  75,000mVday (Al-bahou et a l, 2007). Several M.S.F. 
plants have been installed in the Arabian Peninsula, where oil is readily available (Blank et a l, 
2007). Saudi Arabia is the largest producer in the world and most desalination plants are M.S.F. 
(Al-Mutaz, 1996). It has more than 33% of the total world capacity and 19% of the total number of 
M.S.F. units. The largest M.S.F. plant in the world has been installed in Saudi Arabia, Shuaibah 
Phase 3, with a total water production capacity of 233 million gallons per day (M.G.D.), which is 
more than the Sabiya desalination plant in Kuwait by 30% (WDR, 2006). At the beginning of this 
century, the capital cost of an M.S.F. plant installed in the Middle East was 6$/gal/day (Khan, 
1986). A variety of desalting technologies has been developed over the years, including primarily 
thermal and membrane processes. Zhou and Richard have reported that the average unit cost has 
fallen from about 9.0 $/m  ^ in 1960 to about 1.0 $/m  ^ at present, with an increase in production 
(Zhou, 2005).
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The unit cost of the M.S.F. plant has decreased during the last fifty years, as shown in Figure 2.16. 
For example, the M.S.F. plant with 6 M.G.D. the unit cost is $0.8/m  ^(El-Dessouky, 1999). Despite 
this progress, the M.S.F. desalination process is still expensive for many countries.
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Figure 2.16 The M.S.F. product unit cost over time (Ebensperger, 2005).
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3.1 Aims
Increased demand for drinking water is a global problem and many countries in the world have a 
paucity o f fresh water, as previously mentioned, hi addition, most o f the fresh water resources 
available are very limited to meet the increasing demand of water. Desalination technology is the 
most alternative source of fresh water for many countries. Desalination processes aie energy 
intensive and cost expensive. Conventional desalination systems are commercialised, but they aie 
generally large-scale and very sophisticated, which requires, expertise to perform regular technical 
conti*ol and servicing. Hence, tliese plants can not be used in developing countries or are not 
affordable in places where they are most need.
The aim of this research is to develop a novel small scale distillation plant to satisfy the basic water 
needs of the people in remote areas in developing countries. Particular features of the proposed 
plant include:
o Evaporation and condensation taking place at a low temperature 
o Less chance of scaling and corrosion; 
o The plant can use any form of low-grade energy, 
o The plant is very simple in design, construction and operation
o The plant can be constructed and opemted by local labour (i.e. no need for skilled 
manpower);
o The plant can be made from local material/components; 
o The plant requires little maintenance. 
o The plant has a very small operation cost.
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3.2 Objectives
This project involves studying the effect of different parameters; heat input, heater temperature and 
the number of chambers on distillate rate and production rate, as well as the water product cost.
A three chambers distillation pilot plant has been designed, constmcted and installed at the Centre 
for Osmosis Research & Applications at Surrey University. The parameters that have been 
investigated are:
© Heater temperature (Th) for: 60°C, 70°C, SOX, 90°C and lOO^ C;
© Heat input (Q  ^) for: 3 kW, 6 kW, 9 kW and 12 kW; 
o Number of chambers: single, double and triple chambers.
Theoretical investigation, physical experimentation and economic studies have been included 
in this study.
3.3 The Philosophy of the Design
The philosophy of the design is to achieve the main aims of the study which is giving the system the 
following features:
1. Simple system and easy to construct;
2. Easy to operate;
3. Low construction cost with affordable product
4. High product water quality
Accordingly the system has been designed as:
© A small pilot plant in a vertical position to reduce the required heat transfer area and the
footprint of the unit unlike the conventional M.S.F plants which are designed in horizontal
units. The flow as a result will be transferred from one chamber to the other by gravity force
which would reduce pumping cost-
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o As mentioned before, there are two steps occurring in M.S.F. thermal distillation process 
which are flashing and condensation. In the conventional M.S.F technique the condensation 
and the flashing steps are happening in separate sections which mean large plant size, 
materials and higher cost. In the current pilot plant these two processes (i.e. flashing and 
condensation) occur in a single unit, which has the benefit of minimising both heat losses 
and the required heat transfer area; hence reducing footprint and capital cost.
o In the present pilot plant, the condenser is used to recover the heat due to the condensation
of the flashed off vapour. The heat transfer area of the condenser is a major design feature 
that controls the condenser outlet temperature and influence the condenser efficiency which 
has a stiong effect on the whole system performance. If the heat transfer area is smaller than 
the thermal load of the condensing vapours, vapour accumulation occur s and causes the 
created vacuum pressure to rise. If the heat transfer area is larger than the thermal load, there 
is a less heat exchange between the flowing water and the condensed vapour, thus reducing 
the condenser effectiveness. The governing equations for the design of the condenser are 
given in Appendix A1.
o The indirect cylinder (heater) is modelled as a fully-mixed tank and no stratification effects
are possible due to heating of the oil at the bottom. The heating coil is designed to fill most 
of the cylinder to ensure the outlet temperature is as hot as possible. However, the heat 
transfer aiea of the heater was large enough to provide the condition of evaporation inlet 
temperature (Ti), which is known as top brain temperature with conventional M.S.F. plant, 
close to heater temperature (Th) as possible. The governing equations for the design of the 
heater are given in Appendix A2.
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Chapter 4 
4 Theoretical Investigation
The theoretical investigation for the three stage distillation includes background infoitnation, 
process description, mathematical modelling and theoretical results.
4.1 Process Principle of Pilot Plant
The pilot plant is working on the principle of Multi-Stage Flash Distillation, as mentioned in section 
2.2, This principle depends on the relation between the boiling point of water (or any solution) and 
its pressure as shown in Table 4-1.
Table 4-1 Relation b e t w e e n a n d  for water (Rogers, 1980)
psat
(kPa)
100 80 60 50 40 30 20 15 10 5 1
Tsat
cc)
99.9 93.5 86.0 81.3 75.9 69.1 60.1 53.6 45.8 32.9 7.0
(kJ/kg)
2258 2273 2293 2305 2318 2336 2358 2392 2423 2423 2485
r^ate
(kg/kWh)
1.59 1,58 1.57 1.56 1.55 1.54 1.53 1.52 1.51 1.49 1.45
Production rate shows the maximum theoi-etical distillate production for a unit heat input.
Where,
is the saturation pressure, kPa; 
is the saturation temperature, “0 ; 
hj-g is the latent heat, kJ/kg;
is the production rate, kg/kWh.
The reduction of boiling point can be done by lowering pressure for water or any solution. A 
vacuum pump is used in this pilot plant to create a vacuum in the vacuum chamber (stage) where 
the flashed vapour is collected as the product.
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4.2 Vacuum Systems
The pressure, which is less than atmospheric pressure, is known as vacuum pressure and usually 
measured by a vacuum gauge. A vacuum can be created by either a vacuum pump or a height of
10.3 m water column. There is no perfect vacuum tight system and some gas leaks will h^pen. 
According to the American Vacuum Society in 1958 (Beni et al., 1989), the vacuum ranges are 
divided as follows:
Low Vacuum (lOlkPa -  3.33 kPa);
Medium Vacuum (3.33 kPa - 1.33x10'^  kPa);
High Vacuum (1.33xlO'^kPa- 1.33x1 O'’ kPa);
Very High Vacuum (1.33x10'’ kPa - 1.33xlO'‘“kPa);
Ultrahigh Vacuum (1.33x10''** kPa and beyond);
In this study, the pilot plant uses the low vacuum range.
4.3 The proposed Pilot Plant
The pilot plant consists of three vacuum chambers (stages), an indirect cylinder (heater), vacuum 
pump, feed pump, distillate pump; return pump, two tanks for return solution, feed tank and 
distillate tank. Figure 4.1 shows the schematic diagram of the pilot plant.
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Figure 4.1 Schematic diagram of the pilot plant.
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4.4 Mathematical Modelling
The attempt to simplify the given problem in equation terms to describe the behaviour of some 
aspect of the system is called mathematical modelling. The main components of the system are the 
vacuum chamber and indirect cylinder.
4.4.1 System Analysis
As shown in Figure 4.1, three vacuum chambers (stage) are designed in this study. The condenser 
coil inside the vacuum chamber is used as a heat exchanger between the vapourisation and 
condensation process that takes place in the vacuum chamber. The vacuum created by the vacuum 
pump in the vacuum chamber at saturation pressure, , and saturation temperature, , for any 
vacuum chamber. The oil inside the heater will be heated to a certain temperature, 7^,, where 
{T2 i=Tff ). The solution passing the heater through its coil leaves it at tem peraturefor flashing, 
where ). Inside the vacuum chamber, flashing and condensation processes are occurring.
Vapour flashing at temperature, , loss of its latent heat, which was gained by the solution flowing
inside the condenser coil through the condensation process. The vapour condenses as a distillate 
product and the un-flashed solution flows to the return tank by the return pump. The temperature 
profile for the single stage of the pilot plant is shown in Figure 4.2 .
Flashing
Heating
Condensing
Condenser Heater
Figure 4.2 Temperature profiles for single chamber of three processes: heating, flashing and 
condensing.
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The temperature profiles for double and triple chambers of three processes are shown in Figure 4.3 
and Figure 4.4, respectively.
Q f JQc Oh
 Flashing “ Heating
 Condensing
Flasliing----
Condensing
Condenser Heater
Figure 4.3 Temperature profiles for double chambers of three processes: heating, flashing and 
condensing.
Qf
Flashing
Heating
C ondensingT3
T?
Ts
Tv
Xio
 Flashing
Condensing
Flashing
— Condensing
•Condenser Heater
Figure 4.4 Temperature profiles for triple chambers of three processes: heating, flashing and 
condensing.
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4.4.1.1 Indirect Cylinder
The indirect cylinder (heater) is used to heat the solution that passes through its coiling, as shown in 
Figure 4.5.
T-19 T 20
Figure 4.5 An indirect cylinder (heater).
The feed solution enters the heater at T 19 and leaves at T20 (T20 > T 19). This increases the feed 
temperature as a result of heat exchange between the flow inside the coils (feed solution) and the 
hot oil inside the heater. This heat is expressed by (Incropera, 2002).
Qh ~ (^ 2 0  “■ ^ 19 ) (4.1)
Where,
Heat transfer to the flowing solution passing through the heater, kJ/s.
Mass flowrate of feed solution, kg/s.
The specific heat of the feed solution, kJ/kg.'C.
a
mf
Pf
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The temperature of the oil inside the indirect cylinder increases fromT^ to the final temperature 
Qh during time interval. A t.
KaCy.jlTs -Tffj]
^   (^ -2)
Where
Heat transfer to the oil inside the heater, kJ/s 
Mass of oil in the heater, kg 
Cp  ^ Specific heat the oil, kJ/kg/C
At Time interval, sec.
The summation o f and is equivalent to the total heat supply to the heater,
Qm ~  Qh Qh (4.3)
Where
Total heat supply to the heater, kJ/s.
4.4.1.2 Vacuum Chamber
Three vacuum chambers (stages) are used in this system; all have the same specifications and 
functionality. Figuie 4.6 illustrates the mechanism m the vacuum chamber. There are two processes 
taking place inside the vacuum chamber: flashing and condensation. As mentioned, the heat 
released by the flashing process is gained in the condensation process in the vacuum chambers. This 
heat is called a latent heat and it is a fimction of the vapour temperature (3%,) formed during the 
flashing process. The latent heat or the enthalpy of vaporisation (or condensation) (A) is a direct 
function of the vapour temperature (7^  ) produced (El-Dessouky et al., 2002):
À = 2501.897149 -  2.40764037T, +1.192217 x 10"^ T^  -1,5863 x 10'^  Tj (4,4)
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CTc)< (mc)o (mh)i (Th)i Vacuum
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(Th)o i  (hih)o Ala I
Figure 4.6 Flashing and condensation process in vacuum chamber.
or, by an approximate equation (Fames et a i, 2003),
;1 = 3142.73-2.35(T, +273.15) 
Where
A, The latent heat, kJ/kg,
(4.5)
Also, the value of latent heat can be found from the steam table.
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The condensation temperature of the vapour (t;) is a function of thermodynamic losses, 
(El-Dessoulcy et a l, 2002).
(4.6)
Where,
is the saturation temperature of the created vacuum, 'C.
The relationship between the saturation temperature of water T^  ^ with respect to its saturation 
pressure is as follows (El-Dessouky et a l, 2002).
T =s^at (42.6776)- 3892.7 ^ P In 1000 (9.4854)
-273,15 (4.7)
The flashing heat, , is a function of the hot temperature inlet to the chamber (T;, \  and the 
saturation temperature of the created vacuum, Tsat- Where, Tsat is equivalent to the out let of feed 
leaving the vacuum chamber, (T^  \ .
Ôf = '* /C ,,((tJ , - T ,J  (4.8)
Qp is the heat released during the flashing process, kJ/s.
The mass rate of evaporation (m^) during the flashing process is
Qf= À in kg/s (4.9)
These amounts o f vapour will be condensated on the condenser coils. The feed solution temperature 
will therefore be increased from the inlet temperature, (T^ ),. , to the final temperature as it leaves the
vacuum chamber, (T^ )^  , so the heat condensation is gc ♦
(4.10)
a is the heat condensation, kJ/s.
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The distillate rate can be calculated by the following equation 
rhj = , in kg/s (4.11)
4.5 Theoretical Results
The theoretical result has focused on the effect of increasing heat input, heater temperature and the 
number of stages on the distillate rate. The theory results have been calculated by using the 
temperature profiles for each chamber, which were measured by data loggers as shown in Appendix 
B. A sample of hand calculation and the theoretical results are presented in Appendix C and D, 
respectively. These results will be discussed separately for the single, double and triple chamber and 
will also be compared with the experiment results in Chapter 7.
4.5.1 Single Chamber
Figure 4.7 shows the relationship between the power input (Qm) to the system and the distillate at 
different temperatures (Th). It shows the distillate increases with increasing Th and Qm. The 
distillate increases by 18.8% when the Th increases from 70°C to 90°C at 6kW. While, the distillate 
increases by 52% when the heat input increases from 6kW to 12kW at 70°C.
OJD
£
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0
-#-T H =60T
-»-TH =70’C
TH-80“C
TH-90”C
-^TH =100'C
1 1 1 "T
6 9
Power, kW
12 15
Figure 4.7 The relationship between distillate and heat input at different Th for single chamber.
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4.5.2 Double Chambers
Increasing the number of chambers (stage) is the main objective in this research. Figure 4.8 
represents the effect on the distillate when both Th and Qm increase. For example, the distillate 
increases by 28% when the Th increases from 70°C to 90°C at 6kW. Also, the distillate at 70“C 
increases by 52% when the heat input increases from 6kW to 12kW.
TH =60'C 
TH =70"C 
TH =80‘C 
TH=90'C 
TH=100’C
Power, kW
Figure 4.8 The relationship between distillate and heat input at different Th for double chambers
In contrast, the distillate for two chambers at Th is 90°C and 6kW increases by 11%, compared with 
single chamber. Also, when Th is 90°C and 12kW, the distillate for double chamber increases by 
32%, compare to single chamber.
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4.5.3 Triple Chambers
Figure 4.9 shows the effect of increasing Th and Qm on the distillate for three chambers (stage). The 
distillate increases by 32% when the Th increases from 70°C to 90'C at 6kW. Also, when Th is 
70°C, the distillate increase by 52%.
22
20
Q
0 3 6 9 12 15
Power, kW
TH =60'C  TH =70'C  TH =80°C - x -  TH =90°C TH =1 GO’C
Figure 4.9 The relationship between distillate and heat input at different Th for triple chambers.
On the other hand, the distillate at Th is 90°C and 6kW for triple chambers increases by 9% and 
19%, comparing with double and single chamber, respectively. Also, the distillate at 90°C and 
12kW for triple chambers increases by 11% and 40%, comparing with two and single chamber, 
respectively.
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Chapter 5
5 TnhelPUotlMkuü ofTnbR%5(ZhanibersI)hüiUatkHiShfak%ns
A three chambers distillation pilot plant has been designed and installed at the Centre for Osmosis 
Research & Applications at Surrey University.
5.1 Process Flow Diagram
As previously mentioned, the distillation pilot plant consists of three vacuum chambers; an indirect 
heating cylinder (heater), vacuum pump, three pumps (for feed, distillate and return solution), a tank 
for feed solution, two tanks for return solution and a bin for distillate. A frame 5m high is installed 
in which the vacuum chambers are placed. All the pumps, the tanks and the indirect heating 
cylinder are placed on the ground and the vacuum pump and return solution tank are placed 2m 
above the ground. The piping and instrumentations diagram (PID) of the present distillate pilot plan 
system is shown in Figuie 5.1. An indirect cylinder (heater) which fills by synthetic oil, is heated 
up to a certain temperature. Then, the vacuum pressure is created in the vacuum chamber by the 
vacuum pump. Next, the feed solution is pumped from the feed tanlc (K-1), by the feed pump, 
thiough the third and the second vacuum chambers (VC-3 and VC-2), through the coil condenser- 
up to the first vacuum chamber (VC-1). The boiler temperatuie should be constant during the 
experiment by adjusting and controlling the feed flow rate. The feed solution leaves the boiler and 
flows back to the first vacuum chamber (VC-1) at T-1. The vacuum pressure is reduced gradually in 
each vacuum chamber (VC-1> VC-2> VC-3) by adjusting (V-1, V-2 and V-3), which is located in 
the vacuum line. The hot solution is passed through a shower head (S-1) and sprayed inside the 
inner cylinder. Due to the vacuum, some of solution is vapourised and the remainder continues to 
the next chamber. At this stage, the flashing vapour gives up its latent heat to the flowing solution 
(feed flow inside the coil) and condenses on tlie outside surface of the condenser (coils). The 
condensate (distillate) will be collected and pumped to the distillate tank (K-3) by the distillate 
pump (P-3). The hot solution (un-vapourised) will be sucked by the retmn pump (P- 2) from the 
inner cylinder (C-5) and drained to the second vacuum cylinder (VC-2). The same process will be 
repeated again at the second and the third vacuum chamber. The hot solution (un-vapourised) will 
be sucked from the third chamber by the return pump and pumped to the return tank (K-2). The 
process will be repeated until the feed solution in K-1 is emptied.
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V-7 V-6 tXh
V-1 V-7M
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Figure 5.1 Piping and instrumentations diagram of the pilot plant.
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The temperature thermocouples and equipments description that used in this system are shown in 
Table 5-1 and Table 5-2, respectively.
Table 5-1 Description of thermocouples
DescriptionChamberThermocouple
Evaporation inlet temperatuieT-1
Saturation temperatureT-2
Condenser inlet temperatureT-3 VC-1
Condenser outlet temperatureT-4
Distillate temperatureT-5
Chamber temperatureT-6
Evaporation inlet temperatureT-7
Saturation temperatureT-8
Condenser inlet temperatuieT-9 VC-2
Condenser outlet temperatureT-10
Distillate temperatuieT-11
Chamber temperatureT-12
Evaporation inlet temperatureT-13
Saturation temperatureT-14
T-15 Condenser inlet temperatureVC-3
T-16 Condenser outlet temperature
T-17 Distillate temperature
T-18 Chamber temperature
T-19 inlet temperature of the heater
HeaterT-20 outlet temperature of the heater
T-21 Heater temperature
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Table 5-2 Equipments Description
Abbreviation Equipment
B Heater
C Cylinder (Inner and outer cylinder)
F Digital flowmeter
G Gage pressure
K-1, K-2 and K-3 Feed, return and distillate tank
P-1, P-2, P-3 Feed, return and distillate pump
I Immersion heater
S Shower head
T Thermocouple
V Valve
VC Vacuum chamber
5.2 Experimental Materials
The system consists of three vacuum chambers, an indirect cylinder, vacuum pump, distillate pump, 
return solution pump, feed pump, feed tank, a distillate tank and return solution tank. Also, 
measurement instruments such as thermocouples, pressure gauges and digital flowmeter are used.
5.2.1 Vacuum Chamber
Three vacuum chambers are used in this system. Each one consists of the condenser coil, outer and 
inner cylinder with top and bottom stainless steel lids. The vacuum cylinder specifications are 
shown in Figure 5.2, which are designed by using CAD/CAM software.
►j-j*— Dco«ÿ= 22mm 
^ 1 1
Stainless Steel End Plates
Perspex C>Tinder
Lead 2.59 deg.
X
f* - 200mm 
h   4 0 0 m m  — * |
Figure 5.2 The Vacuum Chamber specifications.
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5.2.1.1 The Condenser
The condenser (coiling) is made from copper (J, =20mm,d^ —22mm) as shown in Figure 5.3. 
This figure shows that the condenser consists of 16 turns. The height of the condenser is 550mm 
with Dg = 364mm and 14.86m length.
Figure 5.3 The condenser coil with 16 turns.
5.2.1.2 Outer and Inner Cylinder
The outer and the inner cylinders are made from transparent material (Perspex), as illustrated in 
Figure 5.4, which assists to observe the flashing and condensation process inside the chamber . The 
outer cylinder, where condensation takes place and distillate water is collected, has an outside 
diameter of 400 mm with wall thickness of 6 mm and height 600 mm. The inner cylinder, where 
flashing is taking place, has an outside diameter of 200 mm with a wall thickness of 6 mm and 
height of 500 mm. The outer cylinder is covered and sealed with circular stainless steel plates, 500 
mm diameter and 4 mm thick, as shown in Figure 5.5. Both ends of the vacuum chamber are fixed 
and held together with 6 rods, as shown in Figure 5.6.
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Figure 5.4 Outer and Inner Perspex cylinder.
Figure 5.5 The bottom and top circular stainless steel.
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Figure 5.6 Vacuum chamber.
5.2.2 An Indirect Cylinder
An indirect cylinder with a heating coil inside (heater) used in this system has the following 
specifications. It is insulated to minimise heat loss to the surroundings. It has four immersion 
heaters (3kW each) at the bottom of the cylinder with a safety thermostat cut off at 120°C. It will 
withstand 4 bars pressure and has 25 turns of copper coil inside (d^ = 22mm,d^ = 350mm ). It has a 
height of 150cm and a diameter of 450mm, as shown in Figure 5.7.
2 .1 /4 "  f.moW
boss till A  want/
2 .1 /4 "  famol#
■■awniofi best
Figure 5.7 An Indirect Cylinder.
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5.2.3 Vacuum Pump
As mentioned before, the principal of flash distillation is dependant upon creating a vacuum 
pressure to boil the solution at a lower temperature. Vacuum pressure is created either by a vacuum 
pump or by locating the system at 10.3 m above the ground. A Busch R 5 series (model number RA 
0063 F) with 1.8kW, rotary vacuum pump is used in this pilot plant as shown in Figure 5.8.
Figure 5.8 Vacuum Pump
This vacuum pump has a nominal displacement of 63m /^hr and is capable of an ultimate vacuum of 
O.lmbar.
5.2.4 Feed Pump
Self priming water pump (CPE 120- 1”) is used as a feed water pump, as shown in 
Figure 5.9 . It is made by Italian manufacturers (http://www.oil-tanks-uk.co.uk), which can deliver 
(0.5- 61 L/min) with maximum head 50m and has 1 kW single phase motor. It has a tough, 
corrosion and rust proof construction.
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Figure 5.9 Feed Pump.
5.2.5 D istillate Pump
A vertical centrifugal pump with variable speed is installed in the distillate line, as shown in 
Figure 5.10. It can pump 3m /^hr with = 43.6 m and 0.75kW. It is supplied by Grundfos 
Company under the product number CRIE 3-10 A-CA-I-E HQQE.
Figure 5.10 Distillate Pump
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5.2.6 Return (reject) Solution Pump
CRI1-36 A-FGJ-I-V HQQV centrifuge pump from Grundfos Company is installed in return (reject) 
line as shown in Figure 5.11. It is able to overcome the temperature and the pressure gradient at the 
vacuum chamber. It can withdraw 30//m in with more 2.2kW and = 154m.
Figure 5.11 Return Pump 
5.2.7 Other Auxiliary Equipment and Components
Care has been taken in selecting the materials used in this system due to the nature of the processes.
5.2.7.1 Valves, Fittings and Piping
Copper needle valves, piping and fitting of -  22 mm were chosen for all connections. They will 
withstand the high pressure and temperature.
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5.2.7.2 An Apron Rose Shower Head
An apron rose shower head (5") with swivel joint is fixed a little bit above the inner cylinder where 
the feed sprays through it inside the vacuum chambers, as shown in Figure 5.12.
Figure 5.12 An apron rose shower head 
5.2.7.3 Flowmeter
A digital flowmeter is placed on the feed line to measure the flowrate of solution and to control the 
boiler temperature. It can be operated with 125°C and 10 bars and measured over the range 
50mL/min to 20L/min; see Figure 5.13.
/
Figure 5.13 Digital flowmeter
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$.2.7.4 Vacuum Gauge Pressure
Three vacuum pressure gauges are used to measure the vacuum pressure inside the vacuum 
chambers. They read between 0 to -1 bar within ±  0,01 bar accuracy.
$.2.7.5 Thermocouple and Data Loggers
Temperature measurement is an important parameter in this study. Twenty-one thermocouples are 
used to measure the inlet and outlet temperature of flow for each chamber. Type T thermocouples 
sensors are used with 1.5 mm diameter x 50 mm long. They can measure high temperatures and 
operate at high pressure. Three data loggers, 8 channels each, are used to read the thermocouples 
via the PC with high resolution and accuracy ± 0.5.
$.2.7.6 Storages Tanks
A circular tank of 500L capacity is used for the feed solution. Two rectangular tanks of 
990 x730 x620 mm dimension and 349 litter capacity each are used for the return solution. A 75L 
water bin is used to collect the distillate product,
$.2.7.7 Magnesium Sulphate Heptahydrate
Magnesium Sulphate (or Epsom Salt) is a chemical compound with the formula MgS0^JH20 and 
its molecular weight is 246.47 g/mol. It is used in this project because it has a high solubility in 
water and it is a non-corrosive salt in solution. Its concentration in this research is 32000ppm.
$.2.7.8 Synthetic Heat Transfer Fluid
Therminol SP is a synthetic heat transfer medium intended for use in the liquid phase for indirect 
process heating. It is covering an operating range from -10“C to 312"C, suitable for most process 
heating. It is supplied from Gulf Oil Company.
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5.2.8 Pilot Plant Construction
The experimental rig was built at the engineering workshop of Surrey University. The vacuum 
chamber was built as follows. First, circular stainless steel was slotted in both upper and lower 
cover by slot machine to fix the outer and inner Perspex cylinder and three holes were drilled in 
both covers, as shown in Figure 5.14. Then, by using the coil machine, the condenser was made 
from a long soft copper tube.
Figure 5.14 Slot the lower cover of vacuum chamber
Next, the inner perspex cylinder is placed on the lower stainless steel cover by using glue and also 
the outer perspex cylinder is placed with a seal ring to avoid any leakage. Then, the condenser is 
placed between them as shown in Figure 5.15.
Figure 5.15 Assembly of vacuum chamber.
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The shower head is fixed on the upper stainless steel cover, which is placed on the top of the outer 
Perspex cylinder as shown in Figure 5.16. Both circular stainless steel covers are joined together by 
six steel rods.
Figure 5.16 Shower head fixed with upper cover.
A leakage test was applied to the condenser coil. A water hose with water pressure was fixed on the 
end of coil terminal while the other one was closed by an end cap. Also, a similar test was applied 
on the Perspex cylinder (inner and outer cylinder) by filling them with water to observe any leakage 
from the seal ring or the glued joints. Both return tanks are placed on a steel frame above the feed 
tank by 1.60 m to drain the return solution after each test. The three vacuum chambers are placed on 
high steel rig, 4.6m height. Each chamber is placed on a separate shelf. All pipes are covered by 
insulation material to decrease and save heat energy loss during experimental running.
5.2.8.1 Some Difficulties During the Experiments Test Running
During the test experiments running, some difficulties appear, such as the vacuum pump was not 
able to create gradual vacuum pressure in the three chambers so the old vacuum pump is replaced 
by a new one, which is successful. Also, the return pump was unable to withdraw the flow from the 
vacuum chamber at high vacuum pressure, which is also replaced by more powerful power. At high 
vacuum pressure, the outer cylinder of the vacuum chamber is deformed. So the vacuum chamber 
was reinforced internally to withstand the vacuum forces and to be safe, as shown in Figure 5.17.
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Figure 5.17 The vacuum chamber before and after fixing the reinforced.
Another problem appeared with the new vacuum pump. During creating a vacuum pressure, some 
vapour, which is released during the flashing process, contaminated the oil vacuum pump. So, a 
vacuum trap was installed between the vacuum pump and the pilot plant to overcome this problem, 
which was successful and kept the oil of the vacuum pump safe, as shown in Figure 5.18.
Figure 5.18 The vacuum trap and vacuum pump.
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The pilot plant with all components connections and equipment are shown in Figure 5.19 and 
Figure 5.20, respectively.
Figure 5.19 Three vacuum chambers and all the connections.
R^ twn lobttoa 
taski
Ffttétmk
Mositor
Dotmitê
Figure 5.20 The pilot plant with all equipments and components.
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5.3 Experimental Procedure
The experimental procedure for the operation of the present pilot plant of three vacuum chambers 
with reference to Figure 5,1 includes the following steps:
A. Single chambers fVC-lh
® In the feed line (blue line), valves (V-1, V-2, V-3, V-4, V-7 and V-8) are closed where the 
other valves (V-12, V-11, V-10, V-9, V-5 and V-6) are opened.
® In the return line (red line), valves (V-7, V-4, V-5 and V-6) are closed and the other valves 
(V-1, V-2, V-8 and V-9) are opened.
© In the vacuum line (brown line), (V-1) is only opened where the other valves must be 
closed.
© Heat up the indirect cylinder (heater) by switching on the immersion heaters, where the 
number of immersion heaters work according to the power requirement of the experiment 
test.
© Warm up the vacuum pump.
@ When the temperature of the heater reaches above a certain temperature (e.g. 60“C) by +5 “C, 
open V-1 on the vacuum line and create a vacuum pressure inside the vacuum chamber 
(VC-1), until it reaches the required pressure.
® Switch on the feed pump (P-1 ).
© Pump the feed from the feed tank (K-1).
© The feed passes through the vacuum chamber (VC-1) to the heater.
® The boiler temperature should be constant during the experiments by adjusting the digital 
flowmeter (F-1).
© The feed temperature increases by heat exchange with the oil inside the heater. Then, return 
to the first vacuum chamber, VC-1.
o In the vacuum chamber, the feed spray inside the small cylinder (C-5) and flashing.
o The vapour condenses on the condenser and collects in the distillate tank (IC-3) by the 
distillate pump (P-3) through V-1 in the distillate line (green line).
® The un-vapourised solution will be returned by the return pump (P-2) to the return tank (K- 
2).
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® All temperature thermocouples are recorded, as well as the flowrate, the vacuum pressure 
and the total product.
B. Double chambers tVC-l and VC-21
The same procedure with double chambers is applied with a few changes:
© In the feed line (blue line), valves (V-1, V-2, V-7, V-8, V-9 and V-10) aie closed where the 
other valves (V-12, V-11, V-3, V-4, V-5 and V-6) are opened;
® In the return line (red line), valves (V-7, V-8, V-5 and V-6) are closed and the other valves 
(V-1, V-2, V-3 and V-4) are opened;
® In the vacuum line (brown line), (V-1 and V-2) are only opened;
® Collect the product by opening (V-1 and V-2) in the distillate line (green line);
® The un-vapourised solution in the first chamber VC-1 goes to the second vacuum chamber
(VC-2) and then returns to the return tank (K-2) by the return pump (P-2).
C  Triple chambers tVC-1. VC-2 and VC-31
Same procedure with triple chambers are applied with a few changes:
© In the feed line (blue line), valves (V-12, V-11, V-10, V-9, V-8 and V-7) are closed where
the other valves (V-1, V-2, V-3, V-4, V-5 and V-6) are opened;
® In the return line (red line), valves (V-7, V-8 , V-5 and V-6) are closed and the other valves
(V-1, V-2, V-3, V-4, V-5 and V-6) are opened;
@ In the vacuum line (brown line), all valves are opened;
@ Collect the product by opening (V-1, V-2 and V-3) in the distillate line (green line);
© The un-vapourised solutions in the first chamber (VC-1) goes to the second vacuum
chamber (VC-2) and tiien to the third chamber (VC-3) where the un-vapourised solution is 
returned to the return tank (K-2) by the return pump (P-2).
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Chapter 6
6 Experimental Results and Evaluation
6.1 Introduction
The experiment results have been measured for single, double and triple chambers, as shown in 
Appendix E. The data loggers have measured the temperature for each chamber, as shown in Figure 
6.1. Flowrate, vacuum pressure and water distillate have been recorded in the datasheet. Each 
experiment should be at constant condition as soon as possible when the data is collected, otherwise 
it should be repeated. Heater temperature (T h) should be constant by adjustable flowrate until it 
reaches a desirable temperature. Heater temperature is a good indicator of the system being stable or 
not. The result for each chamber has been analysed separately, as shown in the following section.
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Figure 6.1 Temperature measurement by Data loggers.
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6.2 Single Chamber
The experimental results for single chamber show the effect of energy system supply and heater 
temperature on the distillate product and production rate. Figure 6.2 shows the effect of energy 
supply to the plant {Qi„ )to the system with different heater temperature on the water distillate.
Power, kW
Figure 6.2 Distillate and energy supply at different of Th for single chamber.
In this Figure, the distillate for 80°C and 6kW increases when the energy supply to the plant 
increases to 12kW by 106%. In contrast, the distillate increases by 110% when the energy supply to 
the plant increases from 6kW to 12W for 100°C. Increasing of energy supply to the system leads to 
increase the flow rate from 3.72kg/min at 6kW to 9.85kg/min at 12kW. Refer to equation (4.10), 
this increasing of flow rate increase the heat condensation (0 ^)» therefore the distillate product is
increase. Also, when the heater temperature increases from 80“C to 100°C for 6kW, the distillate 
increases by 22%, while the distillate increases by 25% when the energy supply increases to 12kW 
for both temperatures. This increasing in distillate due to increasing of evaporation inlet temperature 
(Ti) and according to equation (4.8), the flashing heat increase with increasing both the flow rate 
and the temperature difference (T1-T2) for single chamber.
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Figure 6.3 represents the relation between the production rate and the energy supply to the plant for 
different heater temperatures. It shows that the production rate increases from 1.45 kg/kWh to 1.5 
kg/kWh for 6kw and 12 kW respectively at Th is 80°C, which represents 3.45% increasing. In 
contrast, the production rate increases by 4.5% for T h is 100“C and for the same energy supply. In 
addition, the production rate increases by 22% when the heater temperature increases from 80°C to 
100°C for 6kW, while it increases by 24% for 12kW and both increases of temperature. These 
increasing of production rate due to increasing of distillate.
—X
-4-TH=60°C
-»-TH=70°C
-à-TH=80°C
<^-Ttt=90°C
-^ THN100°C
Power, kW
Figure 6.3 Production rate and energy supply at different of Th for single chamber.
6.3 Double Chambers
The investigation has also focused for the distillate and production rate when the number of 
chambers is increased. The effect on distillate for double chambers is shown in Figure 6.4. It shows 
the distillate of 80°C for 6kW that is 9.98kg/h has increased to 21.72kg/h for 12kW, which means 
the distillate increases by 117.6%. But, for Th is 100°C the distillate increases by 150% when the 
energy supply to the plant increases from 6kW to 12kW. As discussed for single chamber, same 
effect of increasing both power input and Th on the distillate. On the other hand, the distillate of 
6kW increases by 22% and 41% for 12kW, when the Th increases from 80°C to 100“C.
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h#-TH=60°C 
■ TH=70°C 
^TH=80°C 
^TH-90°C 
^TH=100°C
Power, kW
Figure 6.4 Distillate and energy supply at different of Th for double chambers.
Figure 6.5 concerns the change of production rate for double chambers when both Th and energy 
supply to the plant are increased.
2.7
2.6
2.5
2.4
2.3
2.2
TH=60°C
TH=70°C
TH=80°C
TH-90°C
TH=100°C
S CD -O ^
Power, kW
Figure 6.5 Production rate and energy supply for double chambers at different Th-
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It shows when the energy supply to the plant increases from 6kW to 12kW, the production rate for 
80“C and 100“C increases by 9% and 25%, respectively. It also shows that when the Th increases 
from 80°C to 100“C, the production rate of 6kW increases by 23%, while the production rate of 
12kW increases by 41%. So, Production rate increase when the distillate product increase, so the 
advantage from increasing number of chamber from single to double chamber has direct effect to 
increase the distillate consequently increasing of production rate. Figure 6.6 shows the distillate of 
double chambers that was collected experimentally at a different vacuum.
Figure 6.6 Distillate collected experimentally for double chambers.
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6.4 Triple Chambers
The distillate and the production rate for triple chambers and the relation with increasing of boiler 
temperature have been explained in Figure 6.7 and Figure 6 .8, respectively. For Th is 80°C and 
100°C, the distillate increases by 105% and 133%, respectively, when the energy supply to the plant 
increases from 6kW to 12kW, as shown in Figure 6.7. In contrast, the distillate increases by 28.7% 
when the Th increases from 80“C to lOO'C at 6kW of energy supply to the plant. It also shows that 
when the Th increases from 80°C to lOO'C, the distillate increases by 46% at 12kW of energy 
supply to the plant. From this results, Increasing of both Th and power supply to the plant lead to 
increase the flow rate, heat condensation <2  ^ and heat flashing gyr for that reason the distillate is 
also increase.
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Figure 6.7 Distillate and energy supply at different of Th for triple chambers.
At Th is 80°C, the production rate at 6kW and 12kW is 1.92kg/kWh and 1.97kg/kWh, respectively 
which represents a 2.6% increase. Also, the production rate increases by 16.6% for Th is lOO'C as 
the energy supply increases from 6kW to 12kW. In contrast, the production rate at 6kW increases 
by 28.6% when the Th increases from 80“C to 100°C. For the same increasing of T h, the production 
rate increases by 46.2% at 12kW, as shown in Figure 6 .8.
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PL,
Power, kW
Figure 6.8 Production rate and energy supply for triple chambers at different Th-
6.5 Evaluation
In this section, the distillate and production rate for each boiler temperature, Th, have been 
discussed separately and the effect of increasing number of chambers on the increasing of distillate, 
as well as the production rate, as been explained. Figure 6.9 shows the relationship between Th at 
60°C and energy supply to the plant for the single, double and triple chambers. It shows that the 
distillate for 6kW increases by 31% when the number of chambers increases to double chambers 
and 36% for triple chambers. Also, it shows that when the energy supply is 12kW, the distillate 
increases by 19.6% and 24% for double and triple chambers, respectively.
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S in ^  Chamber 
« —Two Chambers 
-àr- Three Chambers
a  ^
Power, kW
Figure 6 .9  Distillate and energy supply for single, double and triple chambers for Th=60*C
The distillate of the single, double and triple chambers at Th is 70“C is represented in Figure 6.10. It 
shows that when the energy supply to the plant is 6kW, the distillate increases by 12%. Also, when 
the number of chambers increases to double chambers and when the number of chambers increases 
to triple chambers, the distillate increases by 24%.
-*-S% le Chamber 
« -T w o  Chambers 
- à - Three Chambers
Power, kW
Figure 6.10 Distillate and energy supply for single, double and triple chambers for Th=70°C
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Also, increasing Th into 80°C varies energy input to the plant for single, double and triple 
chambers, shown in Figure 6.11. It shows that the distillate product at 6kW increases when the 
number of chambers increases to double chambers by 14.4% and by 32% for triple chambers. It 
also shows that the distillate product at 12kW, increasing by 21% and 31.7% when the number of 
chambers increases to double and triple chambers, respectively.
S i r ^  Chamber
Two Chambers
Thee Chambers
Power, kW
Figure 6,11 Distillate and energy supply for single, two and three chambers for T h= 80°C .
Figure 6.12 shows the distillate product when Th increases to 90“ C for single, double and triple 
chambers. The distillate increases when the number of chambers increases to double and triple 
chambers, by 12% and 35%, respectively for 6kW. However, the distillate product of 12kW 
increases by 21.5% and 52% for increasing number of chambers to double and triple chambers, 
respectively.
In Figure 6.13, the distillate product for Th is 100“C and 6kW increase by 14.6% and 39% when the 
number of chambers increases to double and triple chambers, respectively. But when increasing the 
energy supply of the plant to 12kW, the distillate product increases by 36.7% and 55% when the 
number of chambers increases to double and triple chambers, respectively.
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S in ^  Chamber
Two Chambers
- A - Three Chambers2 2 -
Power, kW
Figure 6.12 Distillate and energy supply for single, two and three chambers for Th=90"C.
Two Chambers
Thee Chambers2 0 ------
(3JD
o
Power, kW
Figure 6.13 Distillate and energy supply for single, two and three chambers for Th=100*C.
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The production rate is also a concern in this investigation and it has been calculated for each 
chamber and for different heater temperatures, Th. The production rate at Th is 60°C increases by 
30,7% and 35% for 6kW and 19% and 24% for 12kW when the number of chambers increases to 
double and triple chambers, respectively, as shown in Figure 6.14.
\ 2 5
1.15
1.05
. 2 ^  0.95
I t .  0)
0.85
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0.75
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0.65
Power, kW
Figure 6.14 Production rate for single, two and three chambers at Th is 60°C.
When the Th increases to 70'’C and at 6kW, the production rate when the number of chambers 
increases to double chambers increases by 12%, but when the number of chambers increases to 
triple chambers, the production rate increases by 24.4%. In contrast, when the energy supply to the 
plant is 12kW, the production rate increases by 14% and 24% for the increasing number of 
chambers to double and triple chambers, respectively, as shown in Figure 6.15.
For Th is 80“C and 6kW, the production rate increases by 15% and 32% for increasing the number 
of chambers to double and triple chambers, while the production rate increases by 20 .6% and 31% 
when increasing the number of chambers to double and triple chambers, respectively, and for 
12kW, as shown in Figure 6.16.
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Figure 6.15 Production rate for single, two and three chambers at Th is 70°C.
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Figure 6.16 Production rate for single, two and three chambers at Th is 80°C.
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When Th is 90°C and 6kW, the production rate increases when the number of chambers increases to 
double chambers by 12% and it increases by 35% when the number of chambers increases to triple. 
At the same temperature and 12kW, the production rate increases by 21.7% and 52.4% when the 
number of chambers increases to double and triple chambers, respectively, as shown in Figure 6.17.
2.6
2.5
Chamber2.4
Two Chanters2.3
-É -Tlree Chambers2.2
I IS  OJDna
Oh
129 1560 3
Power, kW
Figure 6.17 Production rate for single, two and three chambers at Th is 90“C.
Whereas, the production rate of 6kW increases when the number of chambers increases to double 
and triple chambers increases by 15% and 39%, respectively. But when the energy supply to the 
plant increases to 12kW, the production rate increases by 37% for increasing he number of 
chambers to double chambers and by 55% for increasing the number of chambers to triple, as 
shown in Figure 6.18.
82
Chapter 6 Experimental Result and Evaluation
2.9 --
Single Chamber
2.7
2.6
2.5
Two Chanters
Tlffee Chambers
2.4
2.3
2.2
Power, kW
Figure 6.18 Production rate for single, two and three chambers at Th is 100°C.
The average production rate for each chamber and for different Th has been calculated and 
presented as shown in Figure 6.19.
Single Chanter
2.6
Two Chamber
2.4
Three Chanter2.2
0.6
100 110
TH,“C
Figure 6.19 The relationship between Th and Production rate (average) for each chamber.
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It shows the relationship between Th and the production rate for each chamber. The production rate 
at Th is 80°C increases by 16% when the number of chambers increases to double chambers, while 
it increases by 31% for triple chambers. Whereas, the production rate increases by 29% and 46% 
when the number of chambers increases to double and triple chambers, respectively, for Th is 
lOO'C. This relationship is presented in Figure 6.20 that shows the increasing of Th and number of 
chambers leads to increase the production rate.
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Figure 6.20 Production rate for different Th and number of chamber.
From the above experimental investigation, flashing and condensation processes are occurs for 
single, double and triple chambers. So, increasing of Th leads to increase the evaporation inlet 
temperature (Ti), which known as top brine temperature for MSF plant. According to equation 
(4.8), the flashing heat (Q^) increases when both difference temperatures (the inlet and outlet 
temperature), of hot feed, and flow rate increases. This increasing of leads to increase the mass 
rate of evaporation (m^) so more vapour will be flashed off and condensated on the condenser 
surface which increase the condensation heat (0^ ) . The condensation heat increases when the mass 
flow rates increase and the outlet temperature (7^  ) of the feed through the condenser tubes more 
than the inlet temperatuie (7^  ) as shown in equation (4.10). Increasing of energy supply to
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the plant leads to increase the flowrate so the flashing heat and condensation heat are increase 
tlierefore the distillate also increases. Refeiiing to Figure 5.1, increasing the number o f chambers 
means the flashing and condensation process w ill occurs consequently in  each chamber, so more 
distillate will be collected as number o f chambers increase. The expeiimental result shows that 
clearly. When, the production rate for double chamber is higher than single and the same is for the 
triple chamber. The economical analysis for that advantage o f multi chambers will be discussed in 
chapter 8.
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CHAPTER?
7 Comparison of Theoretical and Experimental results
This chapter deals with the comparison of the experimental results and theoretical predictions of the 
distillate product. The difference of the distillate (ADistiUate)md the discrepancy percentage are 
calculated as:
ADîstiîlütë — Q^xperimental **’ ^ ibeoreUcal (7*1)
 ^ ADistillateDiscrepancy percentage--------------- (7.2)e^xperimental
So, the experimental and theoretical results for single, double and triple chambers will be discussed 
separately at heater temperature (Th) is 70"C, §0°C and 90°C with 6kW, 9kW and 12kW heat input 
(power) in the following sections.
7.1 SSingrlG
For the single chamber. Figure 7.1 shows both experimental and theoretical results at Th is 70°C. 
According to this figure, the experimental results increases by 7.3%, 6% and 5,6% for 6kW, 9kW 
and 12kW, respectively, than the theoretical result. Hie difference {àDîstilîate) quite small and 
looks as constant for this condition.
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Figure 7.1 Experimental and theoretical distillate results for single chamber at Th is 70“C.
For Th is 80°C, the disagreement percentage between the experimental and theoretical results at 
6kW is 12.8%, which represent, the percentage increase of distillate for the experimental result than 
theoretical, as shown in Figure 7.2.
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■TH(exp)=80'C TH(theo.)=80°C -A— ADistiDate
Figure 7.2 Experimental and theoretical distillate results for single chamber at Th is 80°C.
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Also, the experimental result of the distillate at 9kW and 12kW shows more than the theoretical 
results by 7.7% and 9.9%, respectively. The difference increases with power that may be attributed 
to the experimental conditions.
Figure 7.3 shows the experimental result comparing with the theoretical result at Th is 90“C. It 
shows the distillate product for the experimental result is more than theoretical result by 11.5% for 
6kW, 11.7% for 9kW and 14.7% for 12kW. While, the AOwr/Z/a/e increase with increasing the 
power input to the system due to the experimental parameter test was not stable.
a
Power, kW
ADistillate-T H  (exp) =90°C
Figure 7.3 Experimental and theoretical distillate results for single chamber at Th is 90”C.
The overall range of deviation between the both results is 9.7%
7.2 Double Chambers
Figure 7.4 shows the comparison between both the experimental and theoretical results at Th is 
70°C. The experimental result of distillate is more than the theoretical result by a discrepancy 
percentage of 9.8%, 9.3% and 10.5% for 6kW, 9kW and 12kW, respectively. While, the distillate 
product for the experimental result was more than the theoretical results for Th is 80°C as shown in 
Figure 7.5. It shows that the distillate at 6kW for the experimental result was more than the 
theoretical by 13.9% and also increasing by 13.3% and 13% for 9kW and 12kW, respectively.
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Power, kW
■*— ADistiDate-•-♦^•-TH(exp)=70°C
Figure 7.4 Experimental and theoretical distillate results for double chamber at Th is 70°C.
DJD
Power, kW
- - TH (exp) =80°C ■A— ADistiDate
Figure 7.5 Experimental and theoretical distillate results for double chamber at Th is 80°C.
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In Figure 7.6, the distillate result, which was obtained experimentally at 90°C and 6kW, is more 
than the theoretical result by 3.6%. In contrast, the experimental result of the distillate for 9kW and 
12kW was less than the theoretical result by 3.7% and 6 .8%.
Power, kW
-Tk— ADistillate•-♦--TH(exp)=90‘C
Figure 7.6 Experimental and theoretical distillate results for double chamber at Th is 90°C.
For the case of double chamber, it is noted the ADistillate mcreasQ with power and heater 
temperature (Th); except for the case at Th is 90°C. For this temperature the flowrate is hard to 
control. So, the experimental result is less than the predicated one. The overall range disagreement 
of distillate product for the double chambers is about 9.3%.
7.3 Triple Chambers
Figure 7.7 shows the comparison between the experimental and the theoretical result for the three 
chambers and for Th is 70°C. The experimental result for the distillate was more than the theoretical 
result by 3.5% for 6kW, 6.3% for 9kW and 3.5% for 12kW.
While, the experimental result for the distillate for Th is 80'Cs increased more than the theoretical 
result by 7.6% at 6kW, 7.2% for 9kW and 4.5% for 12kW, as shown in Figure 7.8.
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Figure 7.7 Experimental and theoretical distillate results for triple chamber at Th is 70“C.
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Figure 7.8 Experimental and theoretical distillate results for triple chamber at Th is 80°C.
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Also, for Th is 90°C and 6kW, the experimental result of the distillate compared with the theoretical 
result increased by 12.4%. This percentage dropped to 7.3% and 3.7% for 9kW and 12kW, 
respectively, as shown in Figure 7.9. Where the ADistillate for triple chamber was quite constant 
for different heater temperature (Th) and the overall range discrepancy of distillate product for the 
triple chambers is 6 .2%.
30 -
Power, kW
- TH (e?q)) =90°C -A— ADistillate
Figure 7.9 Experimental and theoretical distillate results for triple chamber at Th is 90°C.
From the pervious comparison for single, double and triple chambers one can find that the 
experimental values in general are higher than the theoretical predictive value. This feature may be 
due to the heater temperature (Th), vacuum pressure and flowrate are not stable during the 
experimental test and hard to control manually. In other hand, the theoretical results are calculated 
with assuming that parameters are stable. It has been notes that at power of 12kW and the 
temperature increasing the difference between the experimental and theoretical values 
ADistillate much large than other case. This is owing to the flowrate can not be controlled 
manually. So, the evaporation inlet temperature (Ti) is not stable so the amount heat flashing and 
condensation also change so the amount of distillate is effected. The vacuum presser was not stable
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therefore the saturation temperature is not stable as well. So, according to equation (4.8) the 
flasliing heat (Q^) increases with increasing the deference value of ((T;,),. so more vapour
condensate and more water is collected as product. However, both experimental and theoretical 
results show similar trends with accepted discrepancy.
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Chapter 8
8 Economic Analysis
8.1 Introduction
The major important key for success in for any project is the unit product cost. There are several 
factors affecting the product cost for the desalination plant, such as salinity of feed water, plant 
capacity, site conditions, qualified labour and energy cost (Ettouney et aL, 2002). Figure 8.1 shows 
the main elements concerning the calculation of the unit product cost.
Direct Capital C ost
• W ell S u p p ly
• Brine D isp o sa l
• Land
• P r o c e s s  E q u ip m en t
• Auxiliary E qu ip m en t
• B uild ings
• M em b ra n es
Annual O perating Cost
Indirect Capital C ost
• Fr e ig h t an d  In su ra n ce
• C on stru ction  O v e r h e a d
• O w n er's C o st
•  C o n tin g en cy
Ele«:tiicity
Labor
M a in ten a n ce  an d  S p a r e s
M en ib ran e  R ep Ia cem en t
In su ran ce
C h e m ic a ls
A m ortization
Unit P roduct C o st. S 'm ’^
Figure 8.1 Elements of cost analysis for desalination processes (Ettouney et a l, 2002).
This chapter deals with the capital cost, running cost and the unit product cost of the pilot plant 
system. Also, the calculation of water production costs for different energy sources that were 
integrated with the current pilot plant. So, it is more convenient for resent case to use another 
element of cost analysis. This system is shown in Figure 8.2.
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Capital Cost
•  Material Cost
# Installatiofi
Running Cost
• Energy Cost
# Operation and Maintenance Cost
Figure 8.2 The water production cost calculates for the pilot plant o f the present study.
8.2 The Capital Cost o f the Pilot Plant
The capital cost of the pilot plant is summarised, as shown in Table 8-1. 
Table 8-1 Capital cost of the pilot plant
Item Cost (£) %
Water tanks (two rectangular, round bin, classic round) 325 2.52
* Vacuum chamber (outer, inner, top & bottom cover) 2159 16.73
Indirect cylinder 600 4.65
Synthetic heat transfer fluid 746 5.78
**Pumps 3499 27.11
Miscellaneous (pipes, condensers, valves, fitting, 
thermocouples, flowmeter, vacuum trip, etc.)
2575 19.96
Installation 3000 23.25
Total 12904 100
* The outer Perspex tube costs £1098.3/m. 
** Vacuum pump costs £1600.
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So, the capital cost of the single chamber and double chambers is £10465 and £11735, respectively. 
The installation cost has assumed £2500 for single chamber and £2800 for double chambers. 
Figure 8.3 shows the distribution of capital cost of the pilot plant.
27.11%
5.78%
4.65%
19.96%16.73%
2.25%
23.25%
□  Water tank ■  Vacuum chambers □  Indirect cylinder
□  Synthetic heat transfer fluid ■  Pumps □  Miscellaneous
■  Installation
Figure 8.3 Distribution of capital cost for the pilot plant.
8,3 Running Cost
In this pilot plant, electrical energy represents the main source of the running cost. Electrical 
energy, as used in this system for pumping and heating, has the cost price of £0.04/kWh in UK 
(Lalzad, 2006). The energy cost for 8 hours operation per day will be calculated for the electrical 
energy consumed by all pumps and immersion heaters.
Energy Cost of pumps = power consumed for all pumps x operation time x energy cost 
Running Cost of pumps = (2.2 + 1.0 + 0.75 +1.8) kW x (8 hr/day) x (365 day/year) x (£0.04 / kWh)
= £ 671.6 / year.
Energy Cost for heaters = Maximum power consumed by immersion heater x operation time
X energy cost.
Energy Cost of heater = 12kW x g hr/day x 365 day/year x £ 0.04/kWh.
Energy Cost of heater = £1401.6/year
Total Energy Cost = 671.6 + 1401.6 = £2073.2/ year.
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The annual operation and maintenance costs are assumed to be around £200, £225 and £250 for 
single, double and triple chambers. The total running cost of the pilot plant is shown in Table 8-2. 
Figure 8.4 shows the percentage of operation and maintenance costs and energy costs consumed 
from the total running costs for the pilot plant.
Table 8-2 The total running cost of the pilot plant.
Item Single
chamber
% Double
chambers
% Triple
chamber
%
Operation and 
Maintenance Cost 
(£/ year)
200 8.8 225 9.8 250 10.8
Total Energy 
(£/ year)
2073.2 91.2 2073.2 90.2 2073.2 89.2
Total Running cost 
(£/ year) 2273.2 2298.2 2323.2
%sW).9afig««M0
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Figure 8.4 The percentage of operation & maintenance costs and energy costs from the total running 
costs.
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8.4 Water Cost
As mentioned, the final price of the product is the important factor for any project. So, the water 
cost for this system can be calculated, as follows:
Water Cost -  Total Annual Cost / Total Annual Water production
Considering an interest rate of 5% and 20 years, the amortisation factor (capital recovery) 
(Suyanarana, 2003) is
Where
Qj is the amortisation factor.
i is the interest rate 
n is the number of year.
0 0 5 ( l H - y  ^0.08'  (l + 0.05)“ - l
So, the amortisation factor for each chamber will be calculated for is 0.08. Water cost has been 
calculated separately for each chamber at 90°C and 12kW, as follows:
8.4,1 Water Cost for Single Chamber
Total annual water production = production rate x operation time x energy consumed by heaters 
Total annual water production = (l,66kg / kWh)x (Shr !day)x (365c?qv/ year)x (l2kW)
~ 58166.4 kg/year
Amortised Capital Cost (ACC) = Capital Cost (CC) x amortisation factor {oj- )
ACC -  10465 X 0.08 = £837.2
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Total Annual Cost (TAC) = Amortised capital cost (ACC) + Total Running Cost (TRC) 
Total Annual Cost (TAC) = 837.2 + 2273.2 = £3110.4
Water cost for single chamber = Total Annual Cost / Total Annual Water production
(3110.4)Water cost for single chamber -  ^  “ 0.053 £^kg
Water cost for single chamber -  pence 5.3/ kg
8.4.2 Water Cost for Double Chambers
Total annual water production -  production rate x operation time x energy consumed by heaters 
Total annual water production = (2.03% / kWl^x (8/ir / day)x i^65dayl yeat')x iyikW )
= 71131.2 kg/year
Amortised Capital Cost (ACC) = Capital Cost (CC) x amortisation factor (ay )
ACC =11735 X 0.08 = £938.8
Total Annual Cost (TAC) = Amortised Capital Cost (ACC) + Total Running Cost (TRC)
Total Annual Cost (TAC) = 938,8 + 2298.2 = £3237
Water cost for double chambers = Total Annual Cost / Total Annual Water production
(3237)Water cost for double chambers = 7 -^ ------^  = 0.046 £^kg(71131.2)
Water cost for double chambers = pence 4.6/ kg
8.4.3 Water Cost for Triple Chambers
Total annual water production = Production rate x operation time x energy consumed by heaters 
Total annual water production = (2.53kg/kWh)x (Shr / ^ fay)x (365dqy/year)x {i2kW)
= 8865.2 kg/year
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Amortised Capital Cost (ACC) = Capital Cost (CC) x amortisation factor [a^)
ACC = 12904 X 0.08 = £103232
Total Annual Cost (TAC) = Amortised Capital Cost (ACC) + Total Running Cost (TRC)
Total Annual Cost (TAC) = 103232 + 2323.2 = £3355.52
Water cost for triple chambers = Total Annual Cost / Total Annual Water production
3355.52Water cost for triple chambers = ^3355 f  2) ~ ^ ^ 8
Water cost for triple chambers = pence 3.8/ kg
From the previous results, the water cost for the thi-ee chambers distillation plant decreases with the 
rising number of chambers, as well as increasing the production rate. The summary result for each 
chamber is shown in Table 8-3.
Table 8-3 The Summary of the result for each chamber of the pilot plant
Number of chamber Annual Water Production, kg/year Water cost, pence / kg
Single 58166.4 5.3
Double 71131.2 4,6
Triple 88651,2 3.8
The relationship between the water cost and the number of chambers is shown in Figure 8.5 . It 
shows the water cost decreases by 13.2% and 28.3% when the number of chambers increases to 
double and triple chambers, respectively.
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Figure 8.5 The relationship between number of chamber and the water production costs.
Experimentally we can not go further more than three chambers. So, horn this result (Table 8-3 and 
Figure 8.5) a model can be proposed showing the effect of number of chambers on the cost. Since 
the decreasing of cost should not be of a liner ship, so the cost decay can be assumed as (Appendix 
F):
Cost (N) = 5.3 exp [-0.16635 (N-1)] (8.2)
Where;
N is the number of chamber.
This model considers the number of chamber only. Tliis relationship is shown in Figure 8 .6 . For our 
laboratory system, one can predict the cost with the change of chamber numbers for our system 
using equation (8.2) and Figure 8 .6 .
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Figure 8.6 The relationship between number of chamber and unit cost according the modelling.
8.5 Water Production Cost for Different Energy Sources
As mentioned previously, the energy cost represents a high percentage of the unit cost. This section 
deals with integrating different energy sources with the pilot plant and calculates the water cost for 
the final product. Electrical, a solar flat plate collector and fossil fuel will be used as a source of 
energy in this pilot plant. Pumps energy cost is £671.6/year, which has calculated in section (8.3). 
The amortisation factor [a  ^) and the operation and maintenance cost, assume 0.08 and £250/year,
respectively. Where the total annual water production is 88651.2kg/year and the capital cost for the 
pilot plant is £12904.
8.5.1 Water Production Costs for Electrical Source 
Capital Cost = £12904
Electrical Energy Cost = 12kWx 8hr/dayx365day/yearx£0.04/kWh = £1401.6/year 
Energy Cost of the Pumps = £671.6/year
Total Running Cost = Energy cost + operation and maintenance cost 
Total Running Cost = £1401.6/year +£671.6/year + £250/year = £2323.2/year
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Amortized Capital Cost = capital cost x amortization factor
-£12904x0 .08  = £1032.32
Total Annual Cost = Amortised Capital Cost + Total Running Cost 
Total Annual Cost = £1032.32 + £2323.2= £3355.52
Water cost = Total Annual Cost/ Total annual water production 
Water cost = £3355.52/ 88651.2kg = £0.038/kg = pence 3.8/kg
8.5.2 Water Production Cost for Fossil Fuel
The oil consumed to produce one cubic meter of fresh water is around 10 L oil (Uche et al, 2003),
So, the oil needs to produce 886512kg/year is 8865.12 L oil. The average rate of barrel oil is
$94.45/barrel (O.P.E.C., 2008). Where one British pound is $1.4964 (Kollewe, 2008). So, the oil 
cost is;
Oil cost (£/year) = $94.45/baiTel x 1£/$1.4964 x 1 barrel/158.987 L oil x 8865.12 L oil/ year 
Oil cost (£/year) = £3519,5/yeai’
Energy Cost of the Pumps = £671.6/year 
Capital cost of the pilot plant without Heater cost = £ 12304 
Amortised Capital Cost = capital cost x amortisation factor 
= £12304x0.08 = £984.32 
Total Running Cost = (Oil Cost + Energy Cost of the Pumps) + operation and maintenance cost 
Total Running Cost = (£3519.5/year + 671.6) + £250/year = £4441.1/year
Total Annual Cost — Amortised Capital Cost + Total Running Cost 
Total Annual Cost = £984.32 + £4441.1 = £5425.42
Water cost = Total Annual Cost/ Total annual water production 
Water cost = £5425.42 / 88651.2kg = £0.06/kg = pence 6/kg
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8 .5 3  Water Production Costs for Solar Flat Plate Collector
An aiea of about 4m  ^of flat plate collector (F.P.C.) has capital costs of £600 (Lalzad, 2006). So, the 
total capital cost after expunction the heater cost is
Total Capital Cost = (Capital cost of the pilot plant — Cost of heater) + Capital Cost of F.P.C.
Total Capital Cost = (£12904- £600) + £600 = £12904 
Solar Energy Cost = 0 
Energy Cost of the Pumps = £671.6/year
Amortised Capital Cost = Capital Cost x amortisation factor 
Amortised Capital Cost = £12094 x 0.08 = £967.52
Total Running Cost = Energy pumps cost + operation and maintenance cost 
Total Running Cost =£671.6+ £250 = £921.6
Total Annual Cost = Amortised Capital Cost + Total Running Cost 
Total Annual Cost = £967.52+ £9216 = £1889.12
Water cost = Total Annual Cost/ Total annual water production 
Water cost =£1889.12 / 88651.2kg = £0.02/kg = pence 2/kg
From the previous results, the water production cost for the different system is shown in Table 8- 
Table 8-4 Capital cost, running cost and water cost for different system.
Cost Pilot plant Pilot plant + Fossil fuel Pilot plant +FPC
Capital Cost (£) 12904 12304 12904
Operation & Maintenance 
Costs (£ÿear)
250 250 250
Total Energy Cost (£year) 2323.2 4441.1 671.6
Water Cost (pence /kg) 3.8 6 2
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Figure 8.7 shows the water production costs for different systems. It appears that the water cost 
increases by 36.7% when the pilot plant is integrated with fossil fuel. In contrast, the water cost 
decreases by 47.4% when solar energy is used as the energy source for the system.
o 5
I f 'f  & 3
Pilot plant+Electrical Pilot pknt+Fossil fuel Pilot plant+FPC
Figure 8.7 The water production cost for different systems.
The increase in barrel oil during the year 2008 which was calculated in this study was the reason of 
increases the unit of water production cost when the system integrated with fossil fuel system.
8.6 Comparison Study
There are many factor effects in the final product cost such as, the capacity of the plant, total 
investment, number of stages, energy cost, type of energy used, etc. As mentioned, M.S.F. stills the 
important thermal process until present. The cost of unit production for M.S.F. varies from $0.7 for 
the capacity 10,000mVday to $2.5/m  ^ for 100,000mVday (Turek, 2003). Karagiannis el at. have 
reported the unit cost for MSF plant with average capacity 25,000mVday is 1.1 $/m  ^(Karagiannis et. 
a l, 2008). This section deal with the effect of number of stage on the water production cost. The 
water production cost for the M.S.F plant with 19 stages are 205,000mVday is $0.52/m^ (Borasani 
et. al., 2005). Comparing to the small size pilot plant and according to the model equation (8.2). The
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unit production cost for 19 chamber's for the size of the pilot plant is 0.265pence/kg (£2.65/m^), or 
($3.97/m^). Comparing with another study, the unit production cost for 19 stages and 31,822mVday 
is $1.044/m^ (Wade, 2001). The higher o f the cost o f the pilot plant comparing with the M.S.F. 
plant refers to the energy type (electrical) used and its cost and the plant capacity. But, it indicates 
the unit production cost for the pilot plant decreases with increase the number of chamber and also, 
it estimate the unit production cost will be decreased when the capacity of the pilot plant increases. 
Table 8-5 shows the unit water cost comparison for 19 stage and different capacity.
Table 8-5 Unit water cost comparison for same number of chamber and differen capacity
Plant Pilot plant^ Karagiannis^ Wade^ Borsani'*
Unit water cost, 
$/m"
3.97 1.1 1.044 0.55
1 Water production = 0.24 m /^day;
2 Water production = 25,000 mVday;
3 Water production = 31,822 mVday;
4 Water production = 205,000 mVday.
106
Chapter 9 Conclusions, Recommendation and Future Work
Chapter 9
9 Conclusions, Recommendation and Future Work
9.1 Conclusions
A three chamber distillate system has been designed, constructed and assembled at Surrey 
University. It works under the principle of Multi-Stage Flash Distillation, where vacuum decreases 
the boiling point. The size of the pilot plant has been chosen to provide sufficient data, whilst 
staying within the limited space and budget availability. The main features of the pilot plant are its 
simple design and easy maintenance. Most of the parts aie bought and assembled locally, without 
the need for highly skilled personnel or specialised equipment.
The proposed concept and design is novel, which makes die direct comparison with previous 
studies rather difficult.
The experiments have shown that increasing heat (electrical) input with same heater temperature, 
i.e. increasing the flow rate, leads, as expected, to an increase in the distillate and production rate. 
Similarly, increasing the boiler temperature whilst keeping the heat input constant leads to 
improved distillate and production rates. Additionally, the distillate and production rates were 
improved by increasing the number of chambers.
The cost analysis has shown that increasing the number of chambers reduces the final product cost. 
The water cost decreases by about 13.2% for double chambers, comparing with about 28.3% for 
triple chambers. Furthermore, the energy consumption in the case of triple chambers was about 
89.0% of the total running cost, while this value was about 90.0% and 91.0% of the total production 
cost for double and single chamber, respectively. Notably, the other operating requirements 
accounted for less than 10% of the total cost. The capital cost distribution for the pilot plant has 
shown that the pump costs accounted for about 27.0% and the installation costs about 23.0% for the 
three chambers case.
107
Chapter 9 Conclusions, Recommendation and Future Work
The analysis has also shown that the final product cost could drop down significantly when the 
system is integrated with solar energy by 47.4% and estimated to be increased by 36.7% when the 
fossil fuel is used as a source of energy, as compared with electrical heating, which has been used in 
this study.
The theoretical results for the distillate have been calculated based on the assumption of stable 
value of parameters, while in reality those parameters are changing during the experiments. These 
instabilities may be attributed to fluctuations in the heater temperature, which takes time to reach a 
steady value. The control was achieved by adjusting the flow rate, which was difficult in itself to 
control. Similarly, the vacuum pressure and flow rate were not stable during the experiment. In the 
absence of an automatic control system, it is difficult to control manually the interacting parameters 
of vacuum pressure, boiler temperature and flow rate.
Despite the operational variations and the limiting assumptions of the model, both experimental 
data and theoretical results have shown similar trends together with a reasonable agreement within 
the range of 4.0-15%.
9.2 Recommendation
The pilot plant of three stages distillate, which was used in this research has given good results and 
satisfied the goals of this investigation, but some observations to the pilot plant can be advised to 
assist in further research.
® During the experiments and when the three stages were running together, the return pump 
at the vertical position can not pull out the un-vapourised solution from the inner cylinder 
due to the level of solution inside the inner cylinder below the case of the pump. To 
overcome this problem, the return pump was placed in the horizontal position. So, the 
vacuum chambers (stages) should be built above ground level by at least 1.5m to help the 
return pump suck the un-vapourised solution smoothly and also reduce pump power, as 
well as the cost of the pump.
® At high temperature and vacuum pressure, the perspex tube is deformed and to overcome 
this problem, the vacuum chamber was reinforced internally. The vacuum chamber could
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be built by the stainless steel with glass windows to observe the flashing and condensation 
processes, also to permit the vacuum chamber to operate at high temperature and pressure.
• Some leakages occurred during the experiment and maintenance took place. Due to no 
space adequate in the work area, the three stages are fixed vertically so that maintenance 
work was difficult and took few days. The steps shapes of vacuum chambers are the 
suggestion design to improve the plot plant, as shown in Figure 9.1.
Feed goes to the boiler
Hot stream 
comes from the boiler
► Vacuum
Feed
ProductConcentration
Figure 9.1 The suggestion design of the pilot plant.
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9.3 Future Work
The analysis of the investigations presented in this thesis lead to suggestions for a number of further 
alternative conditions of operation and some physical modifications to the rig to be carried out. 
However, due to constraints on both time and laboratory space, these further investigations, which 
could otherwise have been done, have had to be committed and presented here as recommendations 
for further work.
In the existing three vacuum chamber distillation unit, electricity has been used as a heating source 
for the heater, which is very expensive. Increasing the production rate and reducing the specific 
energy cost would allow the expansion of the unit for commercial purposes. It is therefore 
recommended to integrate the unit with a solar energy source or witli a hybrid fuel system. It is also 
desirable to increase the number of the vacuum chambers and also extend the range o f the heater 
temperature. Doing that would also involve modifications to the design of the unit as mentioned in 
section 9.2, to account for the higher temperature and the multiple stages.
Additionally, it would be desirable to mix some of the returned brine with the feed and study the 
impact on the distillate rate, produced water quality and energy consumption. It is also important to 
mention that corrosion and scaling, which cause major operational problems in conventional 
seawater distillation, have not been investigated in this study because we used a highly soluble and 
non-corrosive salt, namely magnesium sulphate. The usage of such salt or other non-corrosive 
highly soluble salts could also be used if the system is integrated with a forward osmosis 
pretreatment stage where desirable agents could be used.
Additionally, due to the discrepancy between the experimental and the theoretical work, it is 
recommended to extend the theoretical model to take into account the variation of the parameters, 
as well as to consider the dynamic state o f the system.
Finally, an automatic control system needs to be implemented as precise manual operation has been 
proved extremely difficult, especially for single experimenter.
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Appendix A: Design Equations for Condenser and Heater 
Appendix A l : Design Equations o f the Condenser
Condenser is used to recover heat from the condensation of die flashed off vapours. It has 
been designed according to the following concepts.
1. Inside Resistance of Condenser
IC ” IC
: Thermal resistance inside condensed, K/kJ;
: Area inside condenser, m^ ;
: Convection coefRcient of heat transfer of inside condenser, kJ/m^K. 
Where
(2)
4  = (3)
di : Inside diameter of condenser, m;
4  : Length of the condenser, m;
: Diameter of condenser, m;
: Number of coil turn.
The inside convection coefficient is computed as
(4)
: Nusselt number inside condenser; 
k : Thermal conductivity of water, W/mK.
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In order to find the Nusselt number, the Reynolds number is checked to determine whether 
tlie flow is laminar or turbulent. Reynolds number is computed as
Re = A W f  
Re : Reynolds number;
: Water density, kg/m ;^
: Water velocity, m/s;
: Initial Dynamic viscosity, kg/m s^^ ; 
m„ : water mass flowrate, kg/min;
(5),
If Re > 2200, the flow is considered turbulent and the Petukhov-Popov correlation is used, 
(Newton, 1995)
= / RePr
U J
Where 4  =1 + 3 .4 /
Pr : Prantal number; 
/  : fraction factor;
4  and kg constans.
and A, = 1 1 .7 + + ^Pr/3
(6)
(7)
For a helical coil for 1500<Re<20,000, the Nusselt number is, (Rohsenow, 1998)
^ . 1 + 3 . 4  ANu„ d. (8)
JVmb ; Nusselt number inside strai^t.
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For20,000<Re<150,000and5<"^ <84
Nu,, = 14-3.6 (9)
Where, for R^3000, (Jaluria, 1999)
Nu,, =
|^j(Re-1000)Pr
1
1 + 12.7 / Vv 8
P r^-l
V
m
and
/  = (l.821og,„Re-1.64)‘^ (H)
If Re<2200, the flow is laminar (Rohsenow, 1998)
V
/
+ 1.158 (12)
where
Xi — 1 + 957X3^Pr_ %2 = 1  +
0.477
Pr Xj =Rei j - (13)
X, constant
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2. Wall Resistance of Condenser
The resistance of the wall is computed as
In
d^  : Outside diameter, m;
4  : Thermal conductivity of condenser, W/mK.
3. Outside Resistance of Condenser
The outside convection resistance is computed as
4 c  : Thermal resistance of outside condenser, K/kJ;
: Area of outside condenser, m^ ;
4c : Convection o f heat transfer coefficient for outside condenser, kJ/m^K.
where
(IQ
The correlation for the heat transfer coefficient during vapour condensation outside a helical 
coil 4c be determined by the Karimi relationship, (Rohsenow, 1998).
\
^pfghfgk i^
Pi : liquid density, kg/m®;
F : Angle facto; 
g  : Gravity constant, m/s^ ;
: Enthalpy, kJ/kg;
: Vapour temperature, “C;
(17)
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a  ; Angle;
jii : liquid Dynamic viscosity, kg/m s^^ ;
: Outside condenser temperature, “C.
Where F is plotted for various values o f f j and B,
B is Bias.
0.76a
D-75a
0.7*0
o.x3a
^Q5(ï’, - 2 ’4)'1tan^
k Pr
O-Q Q.1 0.3 0_4 Q.S 0.6 0.7
DiameTer ratio d o /d c
Average heat transfer coefficient during laminar film condensation on vertical 
helical coil, (Rohsenow, 1998).
The heat transfer from the condensing vapour to the flowing water through the condenser is 
based to the resistance network
• —
T'eu Tie
— • — ’“I x — • — 'T - - '
jRcu ^ms
Thermal circuit of the condenser
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(18)
Where
: Condensation heat, kW;
: Overall coefficient of heat transfer of condenser, kJ/m^K;
: Area of condenser, m*;
^“^imtdc ■ mean temperature difference for condenser.
T +TThe thermophysical properties are calculated at 3^
Where
: Water condenser temperature, "C; 
: Inlet condenser temperature, °C;
: Outlet condenser temperature, “C*
AT -  / i o \
i y -i çfIn
and
r . - 7 L  Rfoc+KaV ^ o c (20)
Where
: Thermal resistance condenser outside fouling, K/kJ; 
: Thermal resistance condenser inside fouling, K/kJ;
: Thermal resistance water condenser, K/kJ.
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The condenser effectiveness is defined as
(21)
M V , (22)
Where
NTU  ^ Number of transfer units of condenser.
and
U A  = — = -------------- — ---------------  (23).
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Appendix A2: Design Equations of the Heater
Similar equations (of condenser) can be used to design both the inside resistance and 
tlie wall resistance for the heater (an indirect cylinder). Whereas, the outside 
resistance of heater, one can apply the following concept.
Ip Outside Resistance of the Heater
The outside convection resistance can be determined as
Rgf, : Theimal resistance of outside heater, K/kJ.
: Area of outside heater, m^ .
: Convection of heat transfer coefficient for outside heater, kJ/m^K.
Where
■^oh = (2)
*0,.="%^ (3)
WWp;, : Nusselt number outside coil of heater.
The Nusselt number for natural convection on the outside of a coil is, (Newton, 1995) 
Nu^,=0.5Sa°-^ (4)
Where
Ra : Rayleigh number.
p  : Volumetric thermal expansion coefficient. 
Tjj : Heater temperature, °C.
: Surface temperature, °C.
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The heat transfer to the flowing water is based on summation of resistances as
Thermal circuit of the heater
Imtdh (6)
Where
: Heat rate to the feed in heater, kW, 
t/;, :Overall coefficient of heat transfer of heater, kJ/m^K,
: Area of heater, m*.
• Log mean temperature difference for heater.
Wliere
= (V)flh
The thermophysical properties are calculated at wh
Where
: Tempemture of heater water, “C. 
T)„ : Initial hot feed leave the heater, “C.
AT,I m t d h f e  - r ,,)
In\Th — Tf^ i J
(8)
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The heater effectiveness can be determined as
(9)
Where
NTUj, : Number of transfer units of heater.
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Appendix B: Temperature Profile
Appendix Bl: Temperature Profile for Single Chamber
For,TH=60"C  
Power (Qin) = 12kW
T1 (°C) T2 (°C) T3 C Q T4 (°C) T5 (°C) T6 (°C) T19 (°C) T20 (°C) T21 (°C)
44.36 42.24 18.12 27.51 17.84 14.88 28.11 45.32 62.84
46.56 42.43 18.18 27.98 17.85 14.84 28.91 46.87 64.23
45.22 42.19 18.22 28.06 17.66 15.92 29.45 46.92 64.55
43.76 39.78 18.55 26.84 17.1 15.2 27.17 44.2 62.05
43.05 39.24 18.13 26.93 17.33 15.23 27.52 44.28 61.97
FF= 12.86 kg/min product (Md) = 11.87 kg/h
Power (Qin) = 9 kW
T1 (°C) T2 (°C) T3 (°C) T4 (°C) T5 (°C) T6 (°C) T19(°C) T20 (°C) T21 (°C)
44.09 31.58 17.08 27.76 14.94 15.98 27.04 44.73 60.23
45.39 31.8 17.31 27.89 15.1 15.96 27.34 46.17 61.02
47.07 35.47 17.63 27 18.6 16.97 28.2 47.75 61.87
47.79 35.36 17.48 27.86 18.45 16.94 28.36 48.26 62.39
47.2 35.84 17.49 27.25 17.94 16.63 27.75 47.71 62.93
FF= 8.62 kg/min Product, Md= 8.84 kg/h
T1 (°C) T2 (°C) T3 (°C) T4 (°C) T5 (°C) T6 (°C) T19C C ) T20 (°C) T21 (°C)
45.46 43.44 20.22 28.11 18.94 15.86 27.1 46.3 63.74
45.45 43.13 20.21 27.58 19.02 16.09 27.11 46.27 63.73
45.62 42.59 20.17 28.26 19.06 16.22 27.51 46.32 63.85
45.36 42.78 20.15 28.34 19.1 16.2 27.17 46.22 63.5
45.75 42.44 20.13 29.31 19.13 16.03 28.02 46.38 63.77
FF= 5.65 kg/min Product, Md= 5.25 kg/h
Power (Qin) =  3 kW
T1 (°C) T2 (°C) T3 (°C) T4 (°C) T5 (°C) T6 (°C) T19(°C) T20 C O T21 C O
43.32 39.29 23.57 28.11 19.34 18.16 26.84 44.3 61.24
43.55 39.43 23.68 28.72 19.22 18.18 27.11 44.17 61.53
44.6 41.23 23.62 28.76 19.16 18.12 28.21 45.12 63.23
43.16 39.01 23.55 29.88 19.11 18.16 26.73 44.02 61.05
43.05 38.94 23.53 29.31 19.13 18.12 26.62 44.12 61.17
FF=3.85 kg/min Product, Md= 2.12 kg/h
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ForTH=70“C
Power (Qin) = 12kW
T1 (°C) T2 (°C) T3 (°C) T4 (°C) T5 (°C) T6 (°C) T19(°C) T20 C O T21 (°C)
50.9 37.06 20.52 31.06 20.02 31.2 30.36 51.55 72.69
50.76 38.35 20.73 32.48 20.09 32.35 31.84 51.59 72.53
52.15 39.25 20.75 33.31 20.06 36.5 32.63 51.94 72.19
51.64 38.87 18.82 31.64 20.05 34.52 31.15 52.33 72.81
50.28 38.48 18.28 31.99 19.88 32.55 31.44 50.77 71.76
FF= 10.15 kg/min product (Md) = 15.3 kg/h
Power (Qin) =  9 kW
T1 (°C) T2 (°C) T3 (°C) T4 C O T5 (°C) T6 (°C) T19(°C) T20 C O T21 C O
52.98 38 20.01 33.17 23.05 37.63 32.86 52.58 74.24
52.39 38.44 19.8 33.74 22.77 37.56 33.42 52.98 74.98
51.4 38.31 19.85 32.82 22.45 37.13 32.8 52.92 73.82
52.32 38.75 19.6 32.31 22.09 33.41 31.54 52.94 73.03
52.85 38.72 19.55 33.64 21.82 34.05 32.83 52.64 71.41
FF= 7.18 kg/min Product, Md= 11.18 kg/h
Tl C O T2 C O T3 C O T4 C O T5 C O T6 CO T 19C O T20 CO T21 C O
58.84 41.99 21.38 38.6 24.33 40.66 38.6 58.58 73.59
57.22 40.29 21.37 36.25 23.7 38.75 35.94 57.01 72.48
55.29 39.28 21.74 37.03 23.37 38.42 36.85 56.64 72.45
56.6 40.31 21.32 38.26 23.03 39.73 38.3 56.97 72.08
54.96 41.84 21.33 34.21 22.86 39.56 34.37 54.98 71.29
FF= 5.11 kg/min Product, Md= 7.4 kg/h
Power (Qin) = 3 kW
Tl C O T2 CC) T3 C O T4 C O 15 C O T6 C O T19 CO T20 (°C) T21 CO
51.77 40.58 20.78 31.16 25.57 46.87 30.35 52.58 71.16
51.61 40.5 20.26 30.78 25.56 45.71 30.34 52.08 71.04
51.13 40.17 20.28 30.8 25.55 44.63 30.44 52.44 70.66
51.2 40.15 20.27 30.91 25.54 45.57 30.51 52.12 70.03
51.76 40.82 20.18 30.67 25.5 44.07 30.58 52.25 70.11
FF=2.76 kg/min Product, Md= 3.76 kg/h
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For, TH=80°C
Power (Qin) = 12kW
Tl CO T2 CC) T3 CC) T4 CO T5 CC) T6 C C ) T19CO T20 CO T2I CO
55.65 40.92 18.37 33.09 19.81 38.73 33.42 55.38 82.6
55.02 40.74 18.35 32.56 19.66 38.35 32.92 54.65 83.23
55.2 40.44 18.12 32.9 19.5 37.89 33.15 55.36 82.81
58.19 41.22 17.42 32.21 19.37 39.32 36.61 57.74 83.33
54.99 40.65 17 32.8 19.24 39.5 32.4 54.73 82.57
FF= 9.85 kg/min Product (Md) = 17.96 kg/h
Power (Qin) = 9kW
Tl CC) T2 CC) T3 CO T4 CO T5 CC) T6 CO T19CC) T20 CO T21 ( ° 0
48.3 38.43 19.84 30.15 20.16 31.81 30.19 47.69 80.49
54.13 37.78 20.49 34.42 20.42 38.2 34.13 53.75 79.01
59.84 39.53 21.24 38.14 20.66 39.69 37.62 59.99 78.41
63.48 41.99 21.43 40.94 20.78 41.96 40.53 6421 80.03
64.21 43.8 21.44 41.8 21.09 43.51 42.21 66.58 80.96
FF= 5.74 kg/min Product (Md) = 13.22 kg/h
Power (Qin) = 6kW
Tl CO T2 CO T3 CC) T4 CO T5 CO T6 CO T19CO T20 CC) T21 C Q
58.4 41.88 21.91 42.73 19.47 40.93 41.76 59.87 81.75
58.24 40.26 21.63 42.71 21.81 40.31 40.39 59.61 81.18
58.23 40.39 2.77 41.56 22.62 40.44 40.16 59.92 81.48
58.38 40.53 21.2 41.79 22.84 40.41 40.52 59.36 81.65
58.16 40.18 21.99 41.53 22.93 40.18 40.21 59.16 81.92
FF= 3.72kg/min Product (Md) = 8.72 kg/h
Power (Qin) = 3kW
Tl CO T2 CO T3 CO T4 CO T5 CO T6 CC) T19CO T20 CO T21 CO
56.43 39.63 20.75 40.25 20.6 40.64 39.04 57.93 81.35
56.2 38.83 20.17 39.63 20.88 40.02 38.45 57.91 82.4
56.06 38.01 20.01 39.11 21.88 40.99 38.31 57.83 80.48
56.98 38.33 20.19 39.67 22.5 40.27 38.01 57.63 80.39
56.98 38.85 20.5 39.2 23.04 40.85 38.42 57.91 81.77
FF= 1.83 kg/min Product (Md) = 4.3 kg/h
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For, TH= 90°C
Power (Qin) = 12kW
Tl C O T2 CC) T3 C O T4 C O T5 CC) T6 CC) T19C O T20 CC) T21 CO
72.65 47.73 22.97 46.44 23.51 47.43 46.32 74.89 92.53
72.6 48.01 22.85 46.75 23.33 47.77 46.51 73.18 92.3
71.94 47.17 22.85 46.82 23.34 47.86 46.58 73.84 91.9
71.4 47.77 22.5 46.75 23.33 47.82 46.82 73.03 91.94
70.23 48.17 22.43 46.46 23.13 47.5 46.39 73.08 92.28
FF=6.73 kg/min Product (Md) = 19.93 kg/h
Power (Qin) = 9kW
Tl C O T2 CC) T3 C O T4 C O T5 C O T6 CC) T19 C O T20 C O T21 C O
71.19 48.79 22.44 46.95 24.74 47.66 46.95 74.78 92.13
72.39 47.49 22.44 45.84 24.65 46.66 45.84 75.08 91.98
72.32 47.18 22.42 46.48 24.23 47.4 46.23 72.83 91.4
70 48.2 22.94 46.84 23.85 47.5 46.73 74.87 91.28
72.28 47.71 22.93 47.06 23.59 47.86 46.74 76.45 91.02
FF=5.14 kg/min Product (Md) = 14.73 kg/h
Power (Qin) = 6kW
Tl C O T2 C O T3 C O T4 C O T5 C O T6 C O T 19C O T20 C O T21 C O
73.22 53.32 28.54 54.57 26.04 55.38 53.65 75.95 91.93
73.83 54.45 29.13 55.6 26.33 56.38 54.82 75.96 91.6
72.92 55.99 29.24 55.96 26.5 56.67 55.24 75.2 91.62
72.2 54.45 28.28 54.4 26.38 54.76 54.13 75.15 91.43
72.82 52.9 27.53 52.6 26.13 53.16 52.26 75.67 91.12
FF=3.2 kg/min Product (Md) = 9.55 kg/h
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For, TH= 100°C
Power (Qin) = 12kW
Tl CC) T2 CO T3 CO T4 (°C) T5 CC) T6 CO T19CC) T20 CO T21 CO
79.79 48.61 23.68 52.8 22.81 53.56 52.16 82.78 102.98
80.24 52.1 22.03 51.83 25.32 52.32 51.74 84.56 103.94
80.44 51.33 21.87 50.91 25.81 51.62 50.67 82.32 102.91
79.41 52.1 21.89 51.1 25.23 51.75 50.82 82.88 102.25
79.75 51.35 21.86 50.53 24.44 51.4 50.28 81.53 101.76
FF= 6.03 kg/min Product (Md) = 22.36 kg/h
Power (Qin) = 9kW
Tl CO T2 CC) T3 CO T4 CO T5 CO T6 CO T19 CO T20 CO T21 CO
80.51 54.38 23.45 54.57 26.22 55.4 54.16 83.26 101.84
78.56 54.07 23.44 54.37 25.93 54.89 54 82.75 101.41
79.35 54.18 23.44 54.23 25.5 54.71 53.87 82.38 101.04
77.71 53.22 23.43 54.26 25.08 54.81 53.81 82.15 101.11
78.53 54.28 23.43 54.2 24.94 54.76 53.76 82.68 100.84
FF= 4.23 kg/min Product (Md) = 16.3 kg/h
Power (Qin) = 6 kW
Tl CO T2 CO T3 CO T4 CO T5 CO T6 CO TI9C O T20 CO T21 CO
80.24 53.33 23.21 54.63 25.12 53.04 54.52 81.06 102.34
80.29 54.12 23.23 54.55 25.62 53.79 54.42 81.55 102.56
80.12 53.88 23.23 53.45 25.44 53.61 53.32 81.88 101.32
80.22 54.22 23.24 54.06 25.46 53.76 54.51 82.05 101.56
80.39 54.38 23.23 54.28 24.85 54.06 54.66 82.48 101.74
FF= 2.8 kg/min Product (Md) = 10.65 kg/h
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Appendix B2: Temperature Profile for Double Chambers
For, TH= 60 'C  
Power (Qin) = 12kW
aJlUél MglBSMliàiBai■i^ rUëllaSgllafafl T7| ii rx( C) I'Md HIM Cl ■HIB^ m i B E E ! gaaKJBBI -m:'» v)7x
g g E F »  ■ l ‘¥ M  * u a  v>.ix u.(0 c ts :■HkZM M w r e isa BsMàia a a g E B i ics.^  rn
I 45.35 I 41.1
FF= 11.72 kg/min product (Md) = 14.2 kg/h
I ( Cl r I : ( c) iiEnzi! KMmrnml3KX:.vcos ■’rdnlH - U CC<S IMKltM 
.w < i.VV4I tfdfeiagggaim***#
Power (Qin) = 9 kW
T 1 (“C) T2CC) T 3 r O  T4("C) T5 («C) T6 (X ) BBIBTrio i^oi t 2o c o i T : i roi
46.31 40.67 22.62 29.91 21.18 39.49 ■ H U 28.83 47.12 61.84
46.11 41.24 22.43 29.53 21.21 39.92 28.78 46.8 61.62
45.21 41.18 22.71 29.11 21.13 39.77 28.63 45.92 60.81
44.64 40.22 22.64 28.75 21.11 39.63 27.43 45.36 62.31
44.86 41.35 22.89 29.88 21.05 40.21 28.71 45.25 62.08
FF= 8.87kg/min 
Power (Qin) = 6 kW
product (M d)=  10.43kg/h
T1(°C) T2 C O  T3 C O  T 41X ) T5 T 6 (X )
45.72 40.43 23.15 29.19 21.12 39.31 R R
45.42 40.62 23.11 29.12 21.11 39.43 9
46.11 40.31 22.42 28.48 21.15 39.55 9
45.31 40.55 22.32 28.77 21.17 39.84 H 9
45.49 40.61 22.57 28.98 21.19 39.72 g g 9
FF= 5.45 kg/min 
Power ((Jin) = 3 kW
product (Md) =6.88 kg/h
T1 C O  T 2 C O  T3(°C) T 4 ( 'C ) T5 C O  T6 C O n n w i  T 19 C O IT 2 0  c o l  T 2 1 C O |
45.71 40.21 21.51 27.36 20.15 39.71 26.98 46.55 61.48
45.28 40.34 21.77 27.65 20.23 39.66 26.55 46.24 61.22
44.56 40.01 22.33 28.16 20.31 39.52 27.75 47.45 61.82
46.21 40.25 21.72 28.21 20.42 39.53 27.84 47.33 62.11
45.38 40.11 21.83 27.76 20.55 39.21 27.34 45.61 61.42
FF=3.32 kg/min product (Md) =  3.35 kg/h
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TH= 70"C
Power (Qin) = 12kW
m i W ü M m ^ i o s m m a s s t B Z fg iia a a s il a s a i  t?( c-i43 24màm miWM mtfm mnmm «m a b e »  51 u» —4J.Mm em m m swm msxm  4-4»l^aH Em iK IIjElK iBlBH lEaEimammmmmmi*.m#on« 44^ 3I 56.41 I 44.9 
FF= 9.36 kg/min
1 H I t 19(“C )|T 20(°C )|T 21  C O |
35.85 55.46 69.63
36.84 57.44 72.31
g 36.05 56.31 68.43
37.54 56.44 72.11
36.54 56.57 71.62
product (Md) = 17.46 kg/h
Power (Qin) = 9 kW
T1(°C) T 2 (“C) T3(°C) T4(°C) T5 (°C) T6(°C) n H K 4 f l T i 9 c c ) |T 2 0 ( ° c ) | r 2 i  c o l
58.62 54.83 40.21 37.02 20.76 48.14 35 58.56 72.63
58.81 53.93 36.52 37.31 21.36 49.89 37.24 53.14 72.81
57.83 52.43 35.82 37.86 22.06 48.59 37.75 57.94 72.32
55.93 47.03 34.22 36.29 21.06 47.39 36.04 56.24 71.91
56.21 51.23 35.32 36.62 21.26 48.49 36.34 56.84 72.81
FF= 6.73 kg/min 
Power (Qin) = 6 kW
product (Md) = 12.63kg/h
T i r C )  T2 C O  T 3 C O  T 4 (“0  T5 C O  T6 ( ° 0 T 1 9 (T )  T20 C O  T 2 U " 0
57.51 53.67 36.75 40.08 18.93 43.5 39.74 57.45 70.42
58.26 54.96 38.4 40.51 19.55 45.72 39.14 58.19 70.7
59.75 56.34 39.15 41.86 20.36 47.21 38.63 59.7 71.05
60.35 57.13 39.71 41.92 21.23 48.73 39.68 60.12 71.49
60.01 57.32 39.93 40.26 21.86 49.57 39.57 60.61 71.85
FF= 4.72 kg/min 
Power (Qin) =  3 kW
pro&ict (Md) = 8.27 kg/h
T I C O  T2 C O  T3 C O  T 4 ( ° 0  T5 C O  T6 C O
58.61 54.69 39.23 45.93 21.06 47.52
56.56 50.93 39.04 45.83 21.43 46.07
59.22 51.27 38.13 47.54 22.67 49.21
60.54 52.85 38.88 48.14 24.62 50.22
60.72 53.81 39 46.4 25.28 49.45
FF= 2.04 kg/min product (Md) = 3 .87 kg/h
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TH= 80°C
Power (Qin) =  12kW
■iiitftn■MiiftHimiaii mnariiMaMiBEHati ■ aiM T IM K H M *K B fflM rif  ■gc5M»nRMEBPBEgmm9EBM»:filHIkKEMg & l # K B #tem<tm 5: 4im ï^ïmwCTiMmw:#m« îg f  mmmmom# 5i.»i51.(.4I 58.65 I 51.85 |  32.29 | 40.61 | 24.39 | 46.2
FF= 8.87 kg/min product (Md) =  21.72 kg/h
IX ( ( t M l  ( I  1 1 0 ( C )  111 C O  T 1 2 i C) > t P J i i t< l | i g « I g « f l l W T O B  
3S.32 M M  .32.12 M 81 34.03 » ! ■ « ■  g a i M f  M a E O i
3 s 14 IN.'il 30.82 M.7{. 33 34 M j g J R S l B
3 - 2 2  18 00 32.08 M 0 8  34 58 t f i H i H  I ^ M U M
38.2 18.20 32.07 MUX 34.58
37.09 18 0.3 .30 73 18.80 34.01 =MX«B#Ê IfeillriH
Power (Qin) =  9 kW
T l C O  T2 C O  T3 CC) T4C C ) T5 C O  T 6 (C ) B IS IB B I t 1 9 C C )|T 2 G C 0 1 T 2 1  C'C)|
62.64 59.52 39.77 40.24 23.65 51.91 40.01 62.15 82.32
63.36 59.24 40.15 42.56 24.17 51.09 42.36 62.87 82.15
64.37 59.56 40.66 24.78 54.71 54.71 42.41 63.99 82.22
64.31 60.75 40.81 42.79 25.5 53.33 42.38 63.92 82.54
65.32 58.58 39.53 45.36 26.29 51.52 45.1 65.08 82.75
FF=5.65 kg/min product (M d)=  15.48 kg/h
Power (Qin) =  6 kW
T1 C O  T 2 ( C )  T 3 ( C )  T 4 C O  T5 ( C )  T6 C O n i R U I  T19 C O |T 2 0 C O |T 2 1  C O |
61.52 46.88 25.47 36.79 18.08 42.05 36.56 65.02 83.55
66.98 56,56 37.39 50 18.89 53.18 49.17 72.6 82.31
68.01 55.03 35.43 51.09 20.67 53.67 49.82 73.2 83.23
70.24 56.84 36.75 49.88 23.21 52.88 49.57 71.98 83.77
67.59 58.24 38.52 47.67 24.34 52.14 47.45 68.99 82.15
FF= 3.24 kg/min
Power (Qin) =  3 kW
product (Md) =  9.98 kg/h
T1 CC) T2 C O  T 3 C O  T4 C O  T5 C O  T6C C ) l i m B W T 1 9 lO lT 2 0 ( ° O lT 2 1  CC)I
64.04 49.95 33.66 47.61 22.06 48.59 ■ g i n 47.15 68.59 83.82
64.1 53.82 37.7 51.75 22.35 52.88 50.67 69.06 80.48
64.8 56.08 40.72 54.22 22.81 55.25 52.84 68.95 80.02
64.42 56.34 42.67 54.63 23.47 55.59 53.46 67.92 79.8
63.64 56.87 46.09 55.85 25.45 56.62 54.14 67.24 79.08
FF=1.25 kg/min product (Md) = 4.64 kg/h
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TH=90°C
Power (Qin) =  l2kW
Tl CC) T 2C C ) T3C C ) T4 ( T )  T5 C O  T6 C O QR T 1 9 C O  T20C C ) T21 C O
70.7 54.69 36.87 50 19.34 51.29 ■  B 49.31 70.91 89.46
73.74 56.64 38.21 53.2 21.54 54.41 B Q 52.74 73.85 92.39
67.77 55.22 36.6 48.99 24.09 53.41 B 9 48.79 67.35 92.8
73.29 56.8 38.4 52.8 24.87 54.22 B 9 52.57 72.92 94.03
70.11 56.59 36.46 51.36 25.28 55.15 B B 51.49 69.49 89.03
FF= 7.45 kg/min product (Md) =  24.23 kg/h
Power (Qin) =  9 kW
T I C O  T2 C O  T 3 ( 0  T 4 C O  15 C O  16 CC)
72.53 54.62 35.11 53.03 22.3 54.3 52.3 78.01 93.91
74.92 57.52 37.2 53.56 22.96 55.08 53.41 74.77 93.9
72.95 56.41 36.81 51.36 24 53.23 B B 50.75 73.46 90.7573.73 57.88 37.51 53.84 24.56 55.79 53.21 75.66 91.19
74.42 57.43 37.65 54 24.72 55.59 53.66 75.55 91.69
FF= 5.14 kg/min 
Power (Qin) =  6 kW
product (Md) = 17.2 kg/h
1 Tl C O  1 T2 C O  1 T3 C O  | T4 C O  |  T5 CC) I T6 C O  i l U l U l T19CC) T20C C ) T21 C O
73.64 60.68 42.8 60.16 30.12 60.43 59.65 78.23 93.36
74.89 59.95 40.99 59 30.57 59.53 58.42 78.82 92.71
74.66 60.39 41.26 59.36 30.7 60.03 58.77 78.87 92.13
73.7 59.32 40.6 58.43 30.48 58.85 58,11 78.28 91.8
73.56 60.88 40.73 58.77 30.24 60 58.14 78.52 91.73
FF= 2.58 kgW n product (Md) =  10.69 kg/h
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TH= 100°C
Power (Qin) = 12kW
BifBai moEsm i*m4i iiflBii r a a a i ’n - < oK E i M a i e E E i E Q i B i a B a■!TngaMaîi¥MBHFMElMK«aBttiaUi
■!CT3»MBJiBLfeM»aaiitemBiai ou:»
M -lil-L —  K glM iM  ■ n n M  00.44I 80.9
FF=6.35 kg/min
W M IW It1 9  (=0 1 X20 C O IT 21 (= o |
60.25 83,48 101.62
59.6 85.58 102.73
58.91 85.38 103.44
58.79 84.05 103.64
59.67 81.07 102.74
product (Md) =30.57 kg/h
Power (Qin) =  9 kW
T 1 (= 0  T 2 C O  T 3 C O  T 4 (= 0  T5 (X )  T6 C O
80.96 61.19 40.14 60.29 22.93 61.2
83.2 66.08 42.16 65.1 23.8 66.05
82.18 61.78 37.9 60.28 25.08 61.07
82.02 61.66 37.75 59.64 25.73 60.92
81.1 61,83 40.02 61.42 25.94 60.27 B B
FF= 4.64 kg/min product (Md) =  22.13 kg/h
Power ((Jin) =  6 kW
T l C O  T 2 ( ° 0  T3CC) T 4 (X )  T5 C O  T6 C O B 9 B I T 1 9  (=01X 20 C O IT 2 1  (X ) l
80.15 62.91 42.74 62.09 21.37 61.95 60.9 82.6 101.92
81.71 66.14 47.61 65.94 21.98 64.68 65.06 82.11 100.81
80.62 60.98 46.89 63.75 22.81 59.73 63.42 82.25 100.37
81.65 62.86 45.34 62.3 23.81 61.2 62.01 82.72 99.61
80.51 60.98 42.65 62.7 22.12 59.29 61.38 81.83 99.46
FF= 2.35 kg/min product (M d) =  12.21 kg/h
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Appendix B3; Temperature Profile for Triple Chambers
TO-60'C
Power (Qm)" l2kW
Tl (T) 
45.31 
4g.65 
46.55 4X72 
48.54
n i f  ■JJdM mmnm ' I I . I  i\< 11 I ' l l  I till I t  I i i i i i i  M 2(X )u] OU i im ta :  iit iiM .’OfflTO y y u  EuJMfc f B t B l a lII I,.-s “******II..- r: MM«MigBmiBBigiiagB»KHaa»aaiEa
.;Ir.\ :>.ii ii,r ««MKnHI» * * ■ « » Mm»
IIII z ici j :  II ■EQHSOlBSIKniKSEiBZIIRiOKISmSBI
FF* 11.32 kg/min product (M d)* 14.76kg^
Power (Q in ) - 9 kW
■ifwnMnBBMWiEaimBBiragilKMBI rixn itm inn luu't) iii.-fi ii: omnaimmuM uu n
■ M faiieMBCTgag»«»*«wg3M
mtn^ EJDlMBroirt8iiMI»ahtBfctauJ ''"i TCTTiwgmimifiiiw fcsijpa m
".!< ■imM»MEaCE»ia«lHiaEHaiHEMfe«tMKaM«ihrii 
>i.j- »TCTML'iMi#ww#hÉEaüKUWamWMKM
product (Md)-10.93 kgihFF- 7.44 kg/min 
Povnir (Qin) -  6 kW
■ywMMngwi BnBwraTOUHBSHaBl r-,11 isrti i>x(i inxt, infn iijto mmaimamumanucna:__»i:M m#kK« *rw« ■OM ■aaa m>. m ■aiMTfWf.airoMtEaKiiiia■ünj.'MiOTEiaBBnMaitMiai nr kvi gifflmaniwitMMHiwmhiBEEa
4> {9 V i s  ye 2155 24.3 17 0?
17.62 I 1(7 2)
FF*4.87 kgAntn 
Power ((Jin) “  3 kW
pnxluct(Md)*7.n kg/h
IH X ) i : r o T3(X) T4(T) T5iX ) T 6 (X )g [ B n p i w W T O T19rC) u u ( * a T2H=C4
.'i) nr> M << 1 ■ W  34 07 7 24 33 24 67 20 09 17.29 16 22 1 26 S 61.') 65.09
26 23 .;*47 ■ .38 58 1 .35.48 25 16 26.95 17 54 63,27
39 61 ■ mrwKm 38 99 1 35 17 25 32 26.75 18 IN .34 71
50 5 37 27 40 82 ■ 35 27 25 49 27.75 18 W 53.9 M (ly
52 2S 59 }6 0} . 3 Q W | 35 4 25 71 27 49 14 J4 .33.86 61.69
FF^ 2-95 kgW n proAicl (Md) -  3.53 kg/h
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TH-70*C
Power (Q in )-  IZkW
niBllEHBSliHESllIIBSliHiSlimSl ric  g iak f gSBBmüüal a e h *- BKieBEHiCTaiBraieEIEieBHi n
T T O i  T P M  m S E S M  » « > ■  = 1 * #  M l l i M  II
_L
10, (1 (ini'o iiK'o 11:1 niHiHH: xttMiUtngi»»»«™mi«BBfcifemÆUit!ttLiHiBIiaii-<r ::i> v.u BBm»HB«nggreCTmmiwüfedlfcBatai»atfKaHI10 1 :wi ::n n,r KM»UJSi BggfBBlBffiHiKlWgni«BMgæMii<: :-u ::i: ii> TnMKaEaiBHaiBEEaMHawaMMBiBaEffll11\: i: '.115 MMBBfflilmiMtiiUifcriüJlWEaajifcEBliB^ iÉttfciaül10 7s :: .'4 M.4i> »i.Aiia ««?» ^ «iUh ■oHJill M m  mim# fctWl fcam BBB
pnxhictCMd)* 19.11kg/hFF*S.85kgAnm 
Power (Q in ) - 9 kW
H B W M B 4 W B lE n m M a iM n a iB m m n  r r n  iv p o  i", t , 
■ n g f U M T C T  1 1 (0 1  w a r a g S E M  <>':II i> 10:: 10:1
III in I i:i'n tuMajtiuuii. jlu iimim;büTËïBBtmo:i ■ iBTgiBIiEMlMiMasgHaiJEMgaEWSCTBHMBliaX <1. ■ia'ma3aiaaiiüiïiriÉht-iK>agîateMcJMa«MfciigW
.1867 I 7 U  1 1 :4
I 16 9 I 3.3 2.3 I 4 5: I u.r Il<V96 I 16 4 I 34.29 I 54.13 I 7} >5 I
16 76 1 K.?9 I .3443 I jj I
product (Md) *14.08 kg/hFF* 6.35 kg/min 
Power (Q in )* 6 kW
■imWPBMlàllfUBiBiWgBWTBga rid iM ( 1 tort, imtxi iitiD 1 i:(VHBigg]mMainuw ___ rmwjjtmu; OHiaiimiaiB3IB1DIMm sMi rtM m«m■liiboi w  imo 1: ih i xc. u r o I K M I B J laJJmmWiKæ»n w m if  HUMg m m a ■tM n.-o m»: i7:> noi tag»g iC M mbk^ in a  — kwMiAgg#ema
iwt»na!i»MIMMEBaim8M ti.:i 1 r 10 r^ i12 0 ' 20 : I 2»' 3 IMi. I l l
4 :  II 1051 1»57 2" l.\ 4 > 4 : 35 t 169 2049 1784 17 551762 I 39.19 I 61 33
product (M d)*  9.16 kg/hFF* 3.69 kg/mio 
Power (Qin) *  3 kW
m i B l l a W L i a *w#i«iWH B W ■ h b B I■ u n tn i t '( X i  IK I 'd  i«i n  i m i i  i n i r o  n : i  o iiH K W iiiL iM iyiH K M inn iw im tlu r  UBittÉ i■phiUeBirJiteHIMIIlT  H H B  fcauM MPgffM M W  in K. m  1m:.* MMPj# Mtrdjf kintkA H*M
n f ü M U l M I K M U l i g B U M  n. :« I i>.' )  :o g E g g j  g B Q  g 5 Q |  H U !  ■ Q M  ■ H E i  ■ H H I B H 8  ■ E B 8
i<ii 411.0 :i-if. oi 10II. ;>i.i 10 lo U'o 1KEHKnt!lHi«CTaiifcHiHai»mMHiaiKîî!]EM 7 1 II — * » " "  m a i  a l l i a i  M I U M  K k W t #  I W M  m n w a  h i » u *
FF* 2.01 kg/min prcxhict (Md) *  4.36 kg/h
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m-«80*c
Power (Qin) *  1 McW
i f B w n B C T H t l f l l l B i l w n r a g g l B a B I  r m  I ' l t ,  im  < i i m c o  t i m  o  T n r x - j■rfaklB mMMM^iinmum&ÈÈm  '■ m n fE E H lig f^ B n ia M g a n  "■OTTM H îf WaM HM ■WM 71n iM H m a M * w a i im a B B i  <i_L
FP* 7.96 kgAnin inoduct (Md) *  23 .66kg/h
c (  i :iuii M ‘o I.'
i: n :<>u -•?(.• II.:i'-- »i :i r
I: :« :iiiii x  : :  r
I : IX m.in i:
) UEPgHItPaim. tmtoEkéfiK<JIBlB!Kuaifca a n n g E M M g g iU M M g » iE sa iB H n  7<.o> TrfHTaMBEaEgMMgaigagHimagiMBgi 15*1 ■nBigm«mMgBEMMBnniiiwiigm*fcinaCT (F BBEBfF'*™BMMMmHmi8iÉBHIMiBgnnÿÉitnhMEM <i.o(> a i l . ; , a n w a m « m # W^ asllBMU
P o w a(Q in )“ 9kW
urc) T?(M. 13 CCI T4CCI 15 CC) T 6 C O45 4.3 17*1
product ( M d ) - 17.56 kg/h
1 ( M-i » T19CO T20CC) T21CC)
H.Î4 } \ 56 1^48 1/ 26 45 04 67 73 33.56
15.2 r  M 21) 16 r  05 17.19 82 75
3516 17 29 XI47 17 5^ 17.t7 S2 86
n  16 : iR i 1501 IH.OI 6tO i .81.4
17,W 17 14 21 r '7 .4 ^ 66 45
Power (Q ia ) -6 k W
i l r 'O \2CC) n r c ) 14 CO F5 (%') 16 CC)
53 67 19 42 54 2)
71.41 53 12 54 (.1
71 09 51,64 22 59 5.3.91
69 08 49 47 2 .3 71 52 60
23 88 5( 12
FF^3.68 kgAnm product ( M d ) - 11.52 kg/h
n (8i<i fioi'o uM'o njrnuukrS.Muwu^ ratik: ■■«!»»BEIBBtaatoC
IK 2:41 UM r c  'M.03 RSgmBCBNBaaNBmammam5ENBaK0a#^ R
i: *6
P ow er(Q m )*3 kW
MrC)  12 CC) T3(T ) T-I(°C) J5CC) 16 ÇC)
f f i s i  3 ' 4# 22.1 W # m m
T20CC) T2ICC)
Î2.3Î
I B I  1'^ 25 4 27 or Î6 22 (6 743.3 37 27 U 31 12 r  16 17 13 66,19 81.06
27 43 34 S3 17 11 66 48 81.97
2 41 17 58 ('5 62 S2.5
FF* l.SSkg^nm product (Md) »  5.57 k g*
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T O -9 0 'C  
Power (Q in )-IZ kW
iiiBieHBaiEinaiizisaiiiHBiEaBSi r,-c
Wg&taffchM KTE3IMEsJÉhiiiM fcsâth '^-5
_L I 'I ?<■ I
i»(T) I'Mii nnrn iii<<i iiJtxiuHBnimiinuiiBiimj*! L UMtaitEÜSanntmüBx-e :i <0 ixM Ml r-32 MaEJI KgBlilklga Kgs» MUiSi *^ 111 ütelUÉ Wmils.n 3i"< II is I: - I ■afeMBaaaBïinifai^ at^ iJItàfMBIMIl - :o<» ':•>•• II-o:i  imtMKHBlMiftmMtUiMCTitfctMBBaitBaJfcMim
iiiie. r  II- <» r  ■ m E m  J M I i a I h iu j M B tM B H B M ^ iihJ h i m fcw ig a
ww a m  .37.11
FF* 7.45 kgAnin product (M ^  *  50.33 k g *
Power ( Q in ) -9 kW■aimnhbmatwin■iiueiianemiiaiHH rr*i inki iirti ii"c., iui\, iiziog uuaiuniBBiiiinBBUEMiUlItaiuaJitanEBKaimmnm^ anmammmnmmn^ ™ fcuMMicaKgaiBHamgBKgBaiBBnBsa■CTTM T W  Timi MWM Tilga .n>'4 i* i <1 i "i gB# mmuM t  1BCT «"'# ^ kàSim ►tMnil■cBfggMWdaM <11: uiM Mssmmnem■><.>** % « « ■MiM■wnti■aæ»e e i
76.04
76.19 I 58 18 1 1 1? 56 i  P  46 I 2 2  n  I IX .36 I 1. 28 I -n  I /7.)H I 93.>7 ■3S94 1 i/JW  I 23<0 \  Pi 5 7 I 1 ?  V  I 3J.7; I "f'TO |  93.03 |
FF* 4.84 kg*iin 
Power (Qin) *  6  kW
product ^ 4 d )*  21.54 k g *
l U X ) r 2 ( X ) T 3 (X ) 14 (X Ï r s ( X )
75-65 55.45 55.78 1667 1 41 : )  34 47 18 78 21 15J2 l6  4 ?4 78 76.14 90.49
75.11 19.1 1 43 y f  35 7 : 18.06 2t»M  1615 16 45 59J7  77.7S 90 86
7.3 II 1 -Î6. Ï4  35 39 l»-66 :7  95 16 7g 16 56 c l 44 77.9" 92.14
76 79 M 8 44 69 1 4<, 17 35 35 17.5S 26X3 |7 1 8  16c " t 6] 79.4V 92 72
75 0 : 6! .35 41.77 1 4183 552^ 17 223.3 P 3 3  16^77 }9 -H "6..W 92.88
FF-2Ü 3 kgAnin product ( M d ) - 12.92 k g *
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Pow«t(Qm)-12kW
Tl IX ) T2IX1 13 (X ) 14 (X ) T5 (X ) a B B * f l B l R I i a B * n i B I H I H E I I T T n x i I 7 T T T T l l T T ^ ^ ^ ^ l n r n 7 i X T m T T C T T 1'h  X in ^ " C ) |T Z I  iX il
18 36 4 5 1 » 1 l i l l  | i* ^  1 n n  f F 9 9 3 9 1
3X41 62.1 1 17 35 1 P  K 5 [ 24«MN I  IX 12 1 161c 1 ro.fo 1 84,; 8 j 102.88
38.77 6 .3 6 3x ; r  K S S ^ I iB ^K ^^B W ll^R H Ii^^P B  J Ï 4 6  1 2J1_S 1 18:9 1 1635 1 62 1> | .Rj.jjL 1 1Q?-_13 J
FF”  6-71 kgAnin product (Md) -  34.58 k g t
Power (Q m )” 9kW
M C T IM  M a i B  g a M  miuiiKM ( . i l l
H I M  l E B M I  K I B R B  g a i n  t IBKE^ B MlieKM ■ IiTIB <>3.(l4
' I t  I 1111.» I I I I ,  ( I 11:1 f ) # 8 w m « # »  Ak l m t i m a i t i i t l t i H j B B I 0 ] m j n a E< " M I- I'lu. Xii. TwgafaiaBBgaK«MMa»gi3BireiiiniMa[aatiaa
x . s  p i .  I l l -  II  <- K U I M I  ■ B O B  a n t j  M P M  m .-!* * #  « « » » ■  f c M i iU
I I I  II I ' : i  1 2 '! .  W W M # g r . T i k # T T J H « j | i : ^ I B H i M l a ! * : * B W « z m f B ■ t i u M
I I I  I I  I* » 'm rA  BJ:n.H t e n  "tW.iW MMJIW H i M
3 < l  4 Z - 0  I V 58 . l i a *  ■H B B B m B B B B R !B Bg»ÜBBH tB » H lM B n g M M I B BWHrPl
FF— 4.22 kgW n product ( M d ) - 23.64 kg/h
Power ((Jin) -  6  kW
m x ) T 2(X ) T-3(X) 14 (X I T5(X ) T6 (X ) nilfl!
84 59 22 25
6669
27.75 68 27 B
43 34
43 65 66 2 4 30,65
TWCJ
F F - 1 7 6  kgW n product (Md) -  14.83 kg/h
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Appendix C: Sample o f Hand Calculation o f D istillate
Appendix C l: A  Sample o f Hand Calculation o f Distillate for Single Chamber.
By assuming the profile temperature of single chamber as shown in B1 with the same mass 
flowrate is using to calculate the distillate.
For, T„ = 9 0 "C  and C,. = 9 k W
The distillate [M j  ) can be calculated as the following:
FF -  5.14/cg/min 
= 4 .1 8 ^ /^ g /C
A  = 47.71" C 
T - T^ 2  ^  xat
Assuming =2"C,
The vapour temperature can be calculated from equation (4.6),
= 4 7 .7 1 -2  = 45.71" C
The latent heat, X , can be calculated from equation (4,5),
.-. X = 3142.73 -  2.35(45.71 + 273.15) = 2393A09kJ/kg
Heat condensation Cc can be calculated from equation 4.10,
T., =T,
e,, = 5.14 X 4.18 X (47.06 -  22.93) / 60 = SMkW  
From equation 4.11 can be find the distillateM ,/,
M I =  (— — )  X  3600 = 13kg / hr 2393.409
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Appendix C2; A Sample of Hand Calculation of Distillate for Double Chambers.
By assuming the profile temperature of double chambers as shown in B2 with the same mass 
flowrate is using to calculate the distillate.
For, = 9 0 "C  and = l 2 k W
1. Distillate for chamber CV-1 :
The distillate {M ) can be calculated as the following:
FF = 7.45/cg/min 
=4.18A7/%."C 
T2 =56.59" C
Assuming =2"C,
The vapour temperature can be calculated from equation (4.6),
Z; = 5 6 .5 9 -2  = 54.59" C
The latent heat, X , can be calculated from equation (4.5),
.-. X = 3142.73 -  2.35(54.59 + 273.15) = 2372.54l&J / kg
Heat condensation can be calculated from equation 4.10,
T ,= T ,
= 7.45 X 4.18 X (51.36 -  36.46) / 60 = 7.734A:W
From equation 4.11 can be find the distillate ,
7 73M . = ( — —-----)x3600  = 11.73^g//îr2372.541
2. Distillate for 2^  ^chamber CV-2:
7^= 39.9" C
T = T-^8 xat
148
Assuming AT),,,, =2"C,
The vapour temperature T^ , can be calculated from equation (4.6), 
T, = 3 9 .9 -2  = 37.9" C
The latent heat, À , can be calculated from equation (4.5),
. A = 3142.73 -  2.35(37.9 + 273.15) = 2411.7625/k/ /
Heat condensation can be calculated from equation 4.10,
T, =T,
.'. G, = 7.45 X 4.18 X (38.33 -  20.08) / 60 = 9.47W
From equation 4.11 can be find the distillate M ,,,
9 47M .  = ( ---- — ----) X  3600 = 14 .4% //%r2411.7625
The total distillate is
.-.M^ =11.73 +  14.14 = 25.87% //zr
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Appendix C3: A Sample of Hand Calculation of Distillate for Triple Chambers.
By assuming the profile temperature of double chambers as shown in B3 with the same mass 
flowrate is using to calculate the distillate.
For, Tj  ^ =90"C and Q , , = 9 k W
1. Distillate for chamber:
The distillate ) can be calculated as the following:
FF = 4.84%  / min 
=4.18AJ/%."C 
r ,  =58.18"C
Assuming =2"C,
The vapour temperature can be calculated from equation (4.6),
T, = 5 8 .1 8 -2  = 56.18"C
The latent heat, A , can be calculated from equation (4.5),
A = 3142.73 -  2.35(56.18 + 273.15) = 2368.8045/cZ / %
Heat condensation can be calculated from equation 4.10,
r., = T,
T..=T,
2  ^= 4.84 X 4.18 X (55.86 -  36.67) / 60 = 6MkW  
From equation 4.11 can be find the d i s t i l l a t e ,
M j  = ( ----- — ----- ) X 3600 = 9 .9 % //ir2368.8045
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2. Distillate for 2"  ^chamber:
7 ;  = 44.12" C 
Assuming =2"C,
The vapour temperature T„ can be calculated from equation (4.6), 
= 4 4 .1 2 -2  = 42.12"C
The latent heat, A , can be calculated from equation (4.5),
.'. A = 3142.73 -  2.35(42.12 + 273.15) =  2401.8455/c// kg
Heat condensation <2c can be calculated from equation 4.10,
<2^  = 4.84X 4 .18 X (35.88 -  22.24) / 60 = 4.6A:W
From equation 4.11 can be find the distillate ,
Mj  = (---- — ---- )x3600 = 6.9kg I hr2401.8455
3. Distillate for 3^  ^chamber CV-3:
T,4 =38.94" C 
T  = T■^14 .tat
Assuming A7)^ ^^  =2"C,
The vapour temperature can be calculated from equation (4.6), 
T  = 3 8 .9 4 -2  = 36.94"C
The latent heat, A , can be calculated from equation (4.5),
.-. A = 3142.73-2.35(36.94 + 273.15) = 2414.0185AJ/%
Heat condensation can be calculated from equation 4.10,
T.,
.-. 2 , = 4.84X4.18X(23.02-17.39)/60 = 2kW
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From equation 4.11 can be find the distillate ,
M  . — (------   ) X  3600 = 2.98%  / hr2414.0185
The total distillate is
. \ M .  = 9 .9+  6.9+  2.98 = 19.78% //zr
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Appendix D: Theoretical Results of Distillate for Single  ^Double
and Triple Chambers
Single Chamber
Heat input 
(power), 
kW
Th=60”C Th = 70X Th = 80°C Th = 90“C Th=100“C
Distillate
kg/hr
Distillate
kg/hr
Distillate
kg/hr
Distillate
kg/hi-
Distillate
kg/hr
3 2.31 3.02 3.58 n/a n/a
6 5.41 6.86 7.6 8.45 9.18
9 8.71 10.51 12.2 13 13.73
12 11.76 14.45 16.19 17 18.17
Double Chambers
Heat input 
(power), 
kW
Th = 60X Th = 70“C Th =80“C Th = 90“C Th =100“C
Distillate
kg/hr
Distillate
kg/hr
Distillate
kg/hi*
Distillate
kg/hr
Distillate
kg/hr
3 3.04 3.53 4.04 n/a n/a
6 5.93 7.46 8.59 10.3 11.75
9 9.61 11.46 13.42 17.84 20.43
12 13.34 15.62 18.9 25.87 28.84
Triple Chambers
Heat input 
(power), 
kW
TH = 60"C Th = 70“C Th = 80‘’C Th = 90'“C Tn=100°C
Distillate
kg/hr
Distillate
kg/hr
Distillate
kg/lir
Distillate
kg/hi*
Distillate
kg/hr
3 3.14 4.71 5.01 n/a n/a
6 7.2 8.84 10.64 11.32 13.64
9 10.8 13,19 16.3 19.78 22.05
12 15.33 18,45 22.59 29.2 32.68
153
Appendix E: Experimental results
Appendix El: Experimental Results for Single Chamber
Heat input 
(power), 
kW
Mass flowrate, 
kg/min
Distillate, kg/lir Production rate, 
kg/kWh
Production 
rate (avg.), 
kg/kWh
3 3.85 2.12 0.71
0.896 5.65
5.25 0.88
9 8.62 8.84 0.98
12 12.86 11.87 0.99
Heat input (power), 
kW
Mass flowrate, 
kg/min
Distillate,
kg/hr
Production rate, 
kg/kWh
Production 
rate (avg.), 
kg/kWh
3 2.76 3.67 1.22
1.256 5.11 7,4 1.239 7.18 11.18 1.24
12 10.15 15.3 1.28
Heat input (power), 
kW
Mass flowiate, 
kg/min
Distillate,
kg/hr
Production rate, 
kg/kWh
Production 
rate (avg,), 
kg/kWh
3 1.83 4.3 1,43
1.46
6 3.72 8.72 1.45
9 5.74 13.22 1.47
12 9.85 17.96 1.5
Th = 90°C
Heat input (power),
kw
Mass flowrate, 
kg/min
Distillate,
kg/hr
Production rate, 
kg/kWh
Production 
rate (avg.), 
kg/kWh
3 Failed Failed Failed
1.63
6 3.2 9.55 1.59
9 5.14 14.73 1.64
12 6.73 19.93 1.66
TH= lOO'C
Heat input (power), 
kW
Mass flowrate, 
kg/min
Distillate,
kg/hr
Production rate, 
kg/kWh
Production 
rate (avg.), 
kg/kWh
3 Failed Failed Failed
1.82
6 2.8 10.65 1,78
9 4.23 16.3 1.81
12 6.03 22.36 1.86
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Appendix E2; Experimental Results for Double Chambers
Heat input 
(power), 
kW
Mass flowrate, 
kg/min
Distillate, kg/hr Production rate, 
kg/kWh
Production 
rate (avg.), 
kg/kWh
3 3.32 3.35 1,12
1.156 5.45
6.88 1.15
9 8.87 10.43 1.16
12 11.72 14.2 1.18
Heat input (power), 
kW
Mass flowrate, 
kg/min
Distillate,
kg/hr
Production rate, 
kg/kWh
Production 
rate (avg.), 
kg/kWh
3 2.04 3.87 1.29
1.386 4.72 8.27 1.389 6.73 12.63 1.4
12 9.36 17.46 1.46
TH = 80T
Heat input (power), 
kW
Mass flowrate, 
kg/min
Distillate,
kg/hr
Production rate, 
kg/kWh
Production 
rate (avg.), 
kg/kWh
3 1.25 4.64 1.55
1,69
6 3.24 9.98 1.66
9 5.65 15.48 1.72
12 8.87 21.72 1.81
TH = 90'C
Heat input (power), 
kW
Mass flowrate, 
kg/min
Distillate,
kg/hr
Production rate, 
kg/kWh
Production 
rate (avg.), 
kg/kWh
3 Failed Failed Failed
1.9
6 2.58 10.69 1.78
9 5,14 17.2 1.91
12 7.45 24.23 2.02
Th =100“C
Heat input (power), 
kW
Mass flowrate, 
kg/min
Distillate,
kg/hr
Production rate, 
kg/kWh
Production 
rate (avg.), 
kg/kWh
3 Failed Failed Failed
2.35
6 2.35 12.21 2.04
9 4.65 22.13 2.46
12 6.35 30.57 2.55
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Appendix E3: Experimental Results for Triple Chambers
TH = 60'C
Heat input 
(power), 
kW
Mass flowrate, 
kg/min
Distillate, kg/hr Production rate, 
kg/kWh
Production 
rate (avg.), 
kg/kWh
3 2.95 3.53 1.18
6 4.87 7.11 1.19
9 7.44 10.93 1.21 1.2
12 11.32 14.76 1.23
Heat input (power), 
kW
Mass flowrate, 
kg/min
Distillate,
kg/hr
Production rate, 
kg/kWh
Production 
rate (avg.), 
kg/kWh
3 2.01 4.36 1.45
1.536 3.69 9.16 1.539 6.35 14.08 1.56
12 8.85 19.11 1.59
Heat input (power), 
kW
Mass flowrate, 
kg/min
Distillate,
kg/hr
Production rate, 
kg/kWh
Production 
rate (avg.), 
kg/kWh
3 1.58 5.57 1.86
1.91
6 3.68 11.52 1.92
9 5.68 17.56 1.95
12 7.96 23.66 1,97
TH = 90°C
Heat input (power), 
kW
Mass flowrate, 
kg/min
Distillate,
kg/hr
Production rate, 
kg/kWh
Production 
rate (avg.), 
kg/kWh
3 Failed Failed Failed
2.35
6 2.83 12.92 2.15
9 4.8 21.34 2.37
12 7.45 30.33 2.53
Th -100 'C
Heat input (power), 
kW
Mass flowrate, 
kg/min
Distillate,
kg/hr
Production rate, 
kg/kWh
Production 
rate (avg.), 
kg/kWh
3 Failed Failed Failed
2.66
6 2.76 14.83 2.47
9 4.22 23.64 2.63
12 6.71 34.58 2,88
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Appendix F; Modeling Costs Equation
It is notes that the decay of the cost depends on the increase of chambers numbers 
(Figme 8.6). The decay behaviour is proposed to be of exponential type. So, the 
relationsliip between the cost and the number of chamber is;
Costa exp[-£* (N-1)] (1)
Where;
s  is the decay factor;
N is the number of chamber, and 0.
Equation (1) may be rewritten in form of:
Cost (N) = Cost (N-1) exp [- ^  (N-1)] (2)
The decay fector { s )  can be estimated as:
For,
N = 3;
1 cost “  pence 5.3/kg, for N -  1 ;
3^  ^cost = pence 3.8/kg, for N = 3
3^  ^cost = cost exp [~e (N-1)]
3.8 = 5.3 exp [~s (3-1)]
3.8 = 5.3 exp (-2^ )
ln(3.8/5.3)=-2ff
in(3.8/5.3)
 ^ 2
g = 0.16635 number of chamber'^
Then the general form of equation of cost model becomes;
Cost = 5.3 exp [-0.16635 (N-1)] (3)
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Water cost for the laboratory size experimental pilot plant at different number of 
chambers according to the modelling cost equation, is shown in the Table F-1.
Table F-1 : Water costs various numbers of chambers
N Cost (N), pence/kg
1 5.3
2 4,487774045
3 3,800021865
4 3.217667829
5 2.724559655
6 2.307020397
7 1.953469106
8 1.654099613
9 1.40060855
10 1.185965037
11 1.004215682
12 0.850319448
13 0.720007839
14 0.609666508
15 0.516235006
16 0.437121898
17 0.370132889
18 0.313409957
19 0.265379824
20 0.224710319
21 0.190273422
22 0.161113986
23 0.136423238
24 0.115516352
25 0.097813451
26 0.082823522
27 0.070130802
28 0.059383244
29 0.050282751
30 0.042576911
31 0.036051991
32 0.030527017
33 0.025848746
34 0.021887421
35 0.01853317
36 0.015692958
37 0.01328801
38 0.01125162
39 0.009527307
40 0.008067246
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